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CHAPTER  1 


INTRODUCTION 


The  projected  diminishing  supply  of  crude  oil  coupled 
with  our  growing  dependence  on  foreign  oil  prompted  a  search 
for  alternate  energy  sources.  Woody  biomass  constitutes  a 
major  source  of  alternate  energy.  Thermal  conversion  is  one 
of  the  more  popular  technical  options  for  the  conversion  of 
this  carbonaceous  solid  into  more  convenient  forms  of 
energy.  Gasification  is  the  particular  type  of 
thermochemical  conversion  that  is  of  interest  in  this 
thesis.  Among  the  various  contacting  devices  used  for 
gasification,  the  fluidized  bed  has  been  selected  for  study 
because  of  its  advantageous  features  of  excellent  gas-solid 
contacting  and  high  heat  transfer  rate. 

Steam  gasification  provides  a  means  for  converting  wood 
into  a  hydrogen-rich  gas  that  can  be  employed  as  fuel  gas  or 
as  synthesis  gas.  The  synthesis  gas  composition  can  be 
adjusted  by  adjusting  some  gasification  parameters,  such  as 
the  steam-to-feed  ratio. 

The  principal  objectives  of  this  thesis  are  (1)  to 
experimentally  determine  the  effect  of  steam-to-feed  ratio 
on  the  gasification  of  Siberian  elm  in  a  fluidized  bed  and 
(2)  to  develop  a  mathematical  model  to  describe  the 
gasification  process  in  the  experimental  reactor. 

Chapter  II  presents  background  information  along  with  a 
review  of  the  gasification  literature  of  various  species  of 
wood.  The  review   includes   the   kinetics   of   gasification, 

1-1 


descriptions  of  various  studies  on  the  influences  of 
various  operating  parameters  and  a  survey  of  previous 
modeling  efforts. 

Chapter  III  presents  the  results  of  the  experimental 
study  on  the  influence  of  the  steam-to-feed  ratio  on  the 
gasification  of  Siberian  elm.  The  results  have  been 
explained  on  the  basis  of  water-gas  shift  reaction; 
subsequently,  the  effects  of  steam-to-feed  ratio  on 
gasification  characteristics  are  discussed.  The 
characteristics  of  interest  were  the  gas  composition,  the 
higher  heating  value  of  the  product  gas,  the  volumetric  and 
mass  yields  of  gas,  the  energy  recovery  and  the  carbon 
conversion . 

Chapter  IV  presents  a  two-phase  model  to  describe  the 
experimental  f luidized-bed  gasification  process.  The  model 
included  devolatilization ,  the  char  gasification  reactions, 
the  water-gas  shift  reaction,  and  the  freeboard  reactions. 
Both  dynamic  and  steady  gas  compositions  are  simulated  and 
compared  with  the  experimental  observations. 

Chapter  V  summarizes  the  major  conclusions  of  the 
thesis  and  presents  recommendations  for  extension  of  the 
work . 


CHAPTER  2 


BACKGROUND  AND  LITERATURE  REVIEW 


The  projected  depletion  of  crude  oil  has  given  rise  to 
a  search  for  alternate  energy  sources.  Utilization  of 
agricultural  and  forest  taiomass  has  been  of  interest  in  this 
regard,  mainly  because  of  the  abundance  of  these  renewable 
energy  resources.  Woody  biomass  constitutes  the  major  source 
of  terrestrial  biomass. 

Wood  has  been  used  as  fuel  from  time  immemorial.  During 
the  later  part  of  the  nineteenth  century,  wood  was  the  major 
source  of  energy  in  the  U.S.,  supplying  three  fourths  of  the 
energy  demand.  Since  that  time,  there  has  been  large  scale 
increases  in  the  energy  demand,  a  large  increase  in  the 
utilization  of  fossil  fuels,  and  diminishing  use  of  wood  for 
energy  (Seamann,  1977). 

The  potential  of  wood  as  an  alternate  source  of  energy 
can  be  appreciated  by  examining  its  availability.  Presently, 
about  6%  of  the  earth's  land  area  is  cultivated,  out  of 
which  about  1%  is  utilized  for  food  production. 
( Cheremisinof f ,  1980).  This  implies  that  the  vast  renewable 
remainder  can  be  conveniently  converted  to  utilizable  forms 
of  energy  and  chemicals. 

An  overall  material  balance  analysis  on  the  forest 
products  industries  also  reveals  the  vast  energy  potential 
of  wood.  For  example,  in  1970,  the  plywood  industry 
consumed  about  105  million  metric  tons  of  roundwood  to 
produce  about  37  million  metric  tons   of   finished   product. 
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This  indicates  processing  wastes  amounting  to  68  million 
metric  tons.  Out  of  this,  about  44  million  metric  tons  were 
used  as  fuel  and  feedstock  and  about  24  million  metric  tons 
were  wastes  (Soffer,  1981).  Assuming  an  average  heating 
value  of  19  MJ/kg,  it  can  be  estimated  the  plywood  industry 
wastes  have  an  energy  equivalent  of  0.5  EJ  (10  J).  In 
fact,  the  lowest  estimates  of  annual  energy  production  from 
wood  residues  can  be  as  high  as  2  to  5  EJ  (Smil,  1983)  . 

Recognizing  the  vast  energy  potential  of  wood, 
approaches  have  been  recently  developed  to  increase  wood 
production  in  a  controlled  manner.  The  method  that  has 
received  much  attention  in  the  past  decade  is  the  short 
rotation  energy  plantation  concept.  As  a  consequence  of  the 
high  wood  yield  and  young  harvest  age,  this  source  of  woody 
biomass  can  provide  a  major  source  of  fuel  (Geyer,  1981). 
Several  species  including  the  poplars  (Populus ) ,  maples 
(Acer),  locust  ( Robinia ) ,  and  alders  ( Alnus )  have  been 
identified  for  this  program. 

THERMOCHEMICAL  CONVERSION  OF  WOOD 

The  various  conversion  technologies  that  have  been 
suggested  for  producing  wood-derived  energy  products  is 
presented  in  Figure  2.1.  ( Cheremisinof f ,  1980).  One  of  the 
major  options  for  transforming  wood  to  more  convenient  forms 
of  energy  is  through  thermochemical  conversion.  This 
technology     involves    use    of    elevated    temperatures. 
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Combustion,  pyrclysis  and  gasification  all  fall  under  this 
ciassif icat  ion . 

Gasification  may  be  defined  as  the  process  by  which 
organic  materials  are  converted,  in  a  reactive  atmosphere, 
into  a  gaseous  phase  comprised  of  H  ,  HO,  CO,  CO  ,  CH  ,  and 
trace  amounts  of  light  hydrocarbons.  Solid  residue  and  tar 
are  also  obtained.  The  amounts  of  char  and  tar  decrease  with 
an  increase  in  the  gasification  temperature  as  a  consequence 
of  secondary  reactions.  Pyrolysis  differs  from  gasification 
in  that  it  refers  to  thermal  decomposition  in  an  inert 
atmosphere.  Pyrolysis  is  the  first  step  in  both  gasification 
and  combustion.  Combustion  is  a  limiting  case  in  which  the 
pyrolysis  products  are  oxidized  in  an  oxygen  rich 
atmosphere . 

Gasification  is  highly  desirable  in  that  it  yields  a 
gaseous  product  that  can  be  easily  handled;  also  pollution 
hazards  are  reduced  in  gasification  compared  to  combustion. 
Total  gasification  of  the  solid  is  most  desirable  in  almost 
al]  gasification  processes.  The  low  ash  content  and  high 
volatility  of  wood  makes  gasification  of  wood  highly 
desirable . 

There  are  a  variety  of  reactors  that  can  be  used  for 
gasification,  the  more  important  of  them  being  the  fixed/ 
moving  beds,  entrained  beds  and  fluidized  beds.  Fluidized 
beds  provide  isothermal  conditions  that  allow  good  process 
control.   Moreover,   they  can  function  with  a  wide  variation 
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ir  the  feed  material   properties.   Vigorous   mixing   in   the 
emulsion  phase  results  in  high  heat  and  mass  transfer  rates. 

CHEMICAL  COMPOSITION  OF  WOOD 

Knowledge  of  the  chemical  constituents  of  wood  is 
important  for  interpreting  the  results  of  thermochemical 
experiments.  Wood  is  composed  of  a  variety  of  substances, 
the  chief  constituents  being  cellulose,  lignin  and 
hemiceilulose .  Cellulose,  a  high  molecular  weight  water 
insoluble  straight  chain  polymer,  accounts  for  nearly  50%  by 
weight  of  the  wood  substance.  Cellulose  is  readily 
degradable  by  thermal  treatment.  Lignin,  the  next  major 
constituent  is  basically  an  insoluble  material,  loosely 
bonded  to  the  cellulose.  The  lignin  content  varies  between 
wood  species;  in  general,  softwood  has  more  lignin  than 
hardwood .  Lignin  requires  vigorous  treatment  for 
devolatilization.  Hemicel Juloses  are  formed  of  simple  sugar 
molecules;   they   are   thermally   much   more   reactive   than 

There  are  over  a  100  different  tree  species  in  the  U.S. 
All  of  them  have  a  low  ash  content,  usually  less  than  2% 
for  the  wood.  Wood  is  also  low  in  sulphur  content.  (Mullen, 
1970,  Junge ,  1975).  This  eliminates  sulphur  dioxide 
problems.  Volatiles  account  for  80  to  90  percent  by  weight 
(dry   basis)   in   almost   all  wood  types  (Mingle  and  Boubel, 


196S}.  The   variation   in   vloatility   is   due   in   part   to 
differences  in  the  contents  of  the  three  constituents. 

Wood,  with  an  average  heating  value  of  19  MJ/kg,  has 
about  one-third  lower  energy  content  compared  to  standard 
coal  (29.3  MJ/kg).  However,  wood  is  much  more  volatile  than 
coal  . 

REACTION  MECHANISMS  IN  GASIFICATION 

Biomass  gasification  has  been  studied  in  detail  by 
Antal  et  al .  (1978).  He  has  proposed  that  gasification 
occurs  in  three  stages  (1)  Pyrolysis  or  devolat i lizati on 
which  produces  volatile  matter  (tar  and  gas)  and  char  (2) 
secondary  reactions  involving  the  evolved  volatiles  and  (3) 
gasification  of  char.  Based  on  that,  Raman  et  al.  (1981) 
developed  a  conceptual  scheme  to  describe  the  reaction  path 
for  gasification  of  carbonaceous  material  based  on  Antal ' s 
work.  The  scheme  can  be  visualized  as  shown  in  Figure  2.2. 

In  the  case  of  rapid  heating  of  small  particles,  the 
devolat il izat ion  step  is  nearly  instantaneous.  The  heavy 
volatiles  can  subsequently  crack  to  form  lighter  volatiles 
and  gas.  The  char  can  also  react  with  H  ,  CO  and  HO  to 
produce  additional  gas. 

GASIFICATION  STUDIES 

At  present  the  gasification  of  wood  is  not  practiced 
extensively   on   a   commercial   scale.   However,  it  has  been 
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studied  by  various  researchers  under  various  conditions. 
Variations  in  the  gasifier  operating  parameters  and  in  the 
reactive  environment  can  result  in  different  product 
distributions.  This  necessitates  a  systematic  study  of  the 
influence  of  the  operating  parameters  on  gasification 
processes . 

Fluidized-bed  gasification  of  wood  has  been 
investigated  for  more  than  30  years  (Morgan  et  al ■  (1953), 
Huffman  and  Lin  (1977),  Epstein  et  al.(1978)).  In  general, 
previous  studies  have  identified  that  temperature,  volatiles 
residence  time,  heating  rate,  and  particle  size  are 
important  parameters  affecting  the  gasification 
characteristics  of  wood  and  other  biomass.  Burton  (1972), 
Feldman  et  al.  (1981),  Walawender  and  Fan  (1978)  and  Raman 
et  a 1 .  (1980)  have  conclusively  shown  that  temperature  is  a 
ir.ajor  factor  influencing  gasification.  The  effect  of 
residence  time  of  the  volatiles  on  product  gas  composition 
has  been  discussed  in  detail  by  Antal  (1979),  Rensfelt 
(1978)  and  Rose  (1982).  The  effects  of  high  heating  rates  on 
pyrolysis  and  hydropyrolysis  have  been  studied  by  Eklund 
(  1982)  . 

Other  parameters  have  not  been  studied  systematically; 
one  of  them  being  the  steam-to-feed  ratio.  However,  there 
have  been  some  efforts  in  the  past  to  investigate  the  effect 
of  steam  on  the  fluidized-bed  gasification  of  biomass.  These 
works  will  be  reviewed  in  the  following  sectior. 
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Effect  of  Steam  on  Gasification 

Beck  et  al ■  (1979)  studied  gasification  of  feedlot 
manure  in  a  pilot-scale  f luidized-bed  reactor.  The 
fluidizing  medium  was  a  mixture  of  air  and  steam  and  the 
operating  temperature  was  maintained  at  975  K.  The  product 
gas  contained  significant  amounts  of  CO,  CO  ,  H  ,  and  CH  . 
They  also  gasified  oak  sawdust  in  the  same  reactor  and  found 
that  the  gas  yield  for  wood  was  higher  than  for  manure  (Beck 
§t  §Jl  •  -  1980).  Multiple  regression  analysis  of  both  data 
sets ,  assuming  that  the  gas  yield  depended  upon  both 
temperature  and  the  air-to-DAF  feed  ratio,  gave  better 
correlation  than  by  correlating  gas  yield  to  temperature 
alone.  They  also  found  that  for  their  temperature  range 
(below  1075  K),  the  steam-char  reaction  was  not  significant. 

Antal  et  a 1 .  (1978)  investigated  the  secondary 
reactions  of  wood  and  cellulose  generated  volatiles  in  a 
quartz  plug  flow  reactor.  They  studied  the  effect  of  steam- 
to-feed  ratio  (up  to  1.4)  on  the  gasification  and  concluded 
that  there  was  no  significant  effect;  they  stated  that 
gasification  is  dominated  by  tar  cracking  reactions  and  that 
steam  reforming  reactions  are  not  important  for  temperatures 
below  1023  K.  On  the  other  hand,  Rensfelt  et  a 1 .  (1978) 
studied  the  flash  pyrolysis  of  poplar  wood  and  concluded 
tha+  steam  reacts  with  the  gaseous  hydrocarbon  products  and 
sol  id  char . 


Schoeters  et  a 1 .  (1981)  gasified  linden  wood  shavings 
with  air  and  steam  in  a  bench-scale  (0.15  cm  ID)  fluidized- 
bed   reactor.   The   temperature  range  was  limited  to  900  and 

1100  K.  They  found  that  the  higher  heating  value  of  the  off- 

3 
gas   ranged   from   4   to  5  MJ/m   and  that  the  optimum  energy 

recovery  was  about  60%.  They   also   found   that   high   steam 

rates   lowered   the   gas   KHV ,   the  gas  yield  and  the  energy 

recovery.  An  investigation  of   the   influence   of   freeboard 

temperature   on   the   gas  yield,  revealed  an  increase  in  CO 

and  H^  concentrations  and  a  CO  concentration   decrease   with 

increase  in  temperature.  They  explained  all  their  results  on 

the  basis  of  the  water-gas  shift  reaction  and  indicated  that 

the  CO  concentration  should  increase  above  1123  K  due  to  the 

reversal  of  the  direction  of  the  shift  reaction. 

Feldman   et  a_l.  (1981)  used  a  multi-solid  f luidized-bed 

gasifier  (6  in.  ID)  to  gasify  wood  chips.  The  temperature  of 

the   bed  was  varied  between  920  K  and  1200  K.  An  increase  in 

the  temperature   resulted   in   an   increase   in   the   carbon 

conversion   (to   about  85%  at  the  highest  temperature)  and  a 

maximum  in  the  product  heating  value.  Also,  an   increase   in 

the  wood  chip  moisture  content  resulted  in  a  decrease  in  the 

carbon  conversion.  From   their   studies   on   the   effect   of 

steam-to-feed   (S/F)   ratio   (up   to  0.8  lb  steam  per  lb  dry 

wood),  it  was  concluded  that  the  carbor:  conversion   was   not 

affected   and   that  there  was  no  net  steam  consumption.  Even 


with  the  excess  steam  used,  the  H  /CO  ratio  obtained  was 
much  lower  than  the  equilibrium  ratio. 

Walawender  et  al.  (1982)  investigated  the  steam 
gasification  of  alpha  cellulose  in  a  2  inch  f luidized-bed 
reactor  with  a  mixture  of  limestone  and  sand  bed  material. 
Steam  was  the  sole  fluidizing  agent.  Based  on  their  data,  a 
conceptual  model  was  developed  which  indicated  that  the 
overall  process  can  be  considered  to  be  composed  of  two 
steps;  devolatilization  and  secondary  gas  phase  reactions. 
While  the  former  is  almost  instantaneous  for  small  particles 
in  a  fluidized  bed,  the  latter  takes  place  in  two  regimes:  a 
tar  cracking  dominated  regime  up  to  940  K  and  a  water-gas 
shift  reaction  dominated  regime  above  940  K.  The  results 
from  their  experiments  showed  a  sharp  transition  between  the 
two  regimes.  They  inferred  that  steam,  when  present  in  large 
excess,  actively  particlipates  in  the  gasification  process 
through  the  shift  reaction. 

Singh  (1986)  studied  the  gasification  of  cottonwood 
in  the  same  reactor  as  that  of  Walawender  et  al.  His  results 
were  in  accord  with  the  conceptual  model  proposed  by 
Walawender  et  al.  (1982).  However,  the  transition  from  one 
regime  to  the  other  was  not  as  sharp  as  the  case  of  alpha 
cellulose . 

Walawender  et  a 1 .  (1985a)  also  studied  the  effect  of 
eJevated  freeboard  temperatures  on  the  steam  gasification  of 
cellulose   in   a   steam  f luidized-bed  reactor.  The  operating 

2-9 


temperature  range  was  865  to  1060  K.  The  freeboard 
temperature  was  maintained  at  50-100  K  higher  than  the  bed 
temperature.  The  gas  yield,  energy  recovery,  and  carbon 
conversion  trends  were  not  affected  by  the  temperature 
elevation.  Furthermore,  the  slopes  of  the  gas  composition- 
temperature  plots  did  not  change  for  the  higher  freeboard 
temperatures.  Based  on  their  observations,  the  authors 
claimed  additional  support  for  the  hypothesis  of  the  water- 
gas  shift  dominated  regime. 

Walawender  et  a 1 .  (1985b)  also  studied  the  influence  of 
^team-to-feed  ratio  on  the  gasification  of  Siberian  elm  at 
temperatures  from  850  K  to  1160  K  at  atmospheric  pressure. 
In  this  preliminary  work,  they  statistically  compared 
regression  models  for  the  gasification  characteristics  with 
temperature  as  the  independent  variable  and  steam-to-feed 
ratio  as  a  parameter.  Whenever  it  was  possible  to  make 
comparisons,  it  was  found  that  a  significant  difference 
existed  between  the  gasification  charcterist ics  for 
different  steam-to-feed  ratios. 

Effect  of  Catalysts 

Some  research  efforts  have  been  directed  at  the  use  of 
catalysts  to  promote  the  formation  of  gaseous  products  with 
specific  H  /CO  ratios.  Additionally,  some  of  these  efforts 
have  considered  the  effect  of  steam  on  the  gasification 
characteristics;  hence,  a  review  of  this  topic  is  in  order. 
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Degroot  and  Shafizadeh  (1982)  studied  various  factors 
controlling  the  gasification  of  biomass  chars,  including  the 
effects  of  steam  and  catalysts.  Their  samples  included  chars 
from  Douglas  fir  heartwood  and  cottonwood  sapwood .  The 
gasification  temperature  was  about  1300  K.  They  found  that 
the  overall  kinetics  could  be  approximated  by  a  zero  order 
Arrhenius  rate  expression  in  which  the  rate  was  dependent  on 
the  initial  mass  of  the  sample.  They  also  found  that  alkali 
metals  lowered  the  apparent  activation  energy  for  both  the 
char-CO-  and  char-steam  gasification  reactions. 

Kallen  et  a 1 .  (1982)  also  investigated  the  influence  of 
alkali  carbonates  on  biomass  gasification.  From  their 
results,  they  inferred  that  at  temperatures  of  about  825  K, 
the  devolatilization  step  is  complete  but  carbon 
gasification  is  slow  without  the  presence  of  catalysts. 
Addition  of  the  alkali  catalyst  increases  the  gas  yield  due 
to  char  gasification.  They  also  concluded  that  these 
catalysts  enhanced  the  water-gas  shift  reaction 
significantly. 

Baker  et  a 1 .  (1982)  have  discussed  the  influence  of 
catalysts  on  the  gas  phase  reactions  in  the  steam 
gasification  of  biomass.  They  were  interested  in 
determining  the  best  catalyst  for  the  production  of  methane- 
rich,  hydrogen-rich  and  methanol  synthesis  gases.  For 
producing   the  hydrogen  rich  gas,  they  determined  that  metal 


oxides  (Fe,  Cr ,  Cu ,  Zn)  favored  the  water-gas  shift 
reaction . 

Development  of  Mathematical  Models 

There  have  been  a  few  studies  directed  at  the 
development  of  models  for  gasification  of  wood.  The  models 
vary  considerably  in  their  sophistication;  they  range  from 
simple  equilibrium  models  to  complex  three  phase  f  liiidized- 
bed  models.  Most  investigations  have  made  some  attempt  to 
compare  their  predictions  with  limited  experimental  data. 

Particle wode^s^    Research  in  this  area  has  been  conducted 

at  the  University  of  Aston  at  Birmingham  (Hatt,  1982).  They 
developed  a  particle  gasification  model  based  on  the  work  of 
Groenveld  (1980).  The  particles  are  assumed  to  be  spherical, 
porous  and  isothermal.  The  gasifying  agents  investigated 
were  CO  and  steam.  The  only  reactions  considered  were  those 
between  the  gasifying  agents  and  the  particle  and  the  water- 
gas  shift  reaction,  with  the  shift  reaction  acting 
homogeneously  throughout  the  particle. 

Maa  and  Bailey  (1978)  modeled  the  isothermal  pyrolysis 
of  wood  particles  in  a  f luidized-bed  reactor  based  on  the 
shrinking  core  model.  The  time  for  complete  reaction  of  the 
solid  was  determined  but  no  effort  was  made  to  predict  the 
product  gas  composition. 

Two i>hase models ._   Since   the   present   work   is   aimed  at 

developing  a  two  phase  model  for  the  gasi f j cat i on  of  wood  in 
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a  f luidized-bed  reactor,  attention  wilJ  be  focused  on  the 
related  foundations  for  the  present  work.  Most  of  the  two 
phase  models  have  been  based  on  either  the  Kuni i-Levenspiel 
model  (1969)  or  the  Davidson-Harrison  model  (1971). 

Yoshida  and  Kunii  (1974)  modeled  the  gasification  of 
carbon  with  air  and  steam.  They  based  their  model  on  the  K-L 
two  phase  theory.  Assuming  pseudo-first  order  kinetics  for 
the  char  gasification  reactions  and  the  water-gas  shift 
reaction  to  be  in  equilibrium,  they  simulated  gas 
compositions.  The  char  gasification  reactions  included  the 
reaction  of  char  with  0  ,  CO  and  steam.  The  model  only 
considered  the  bed  section  and  did  not  account  for  the 
reactions  in  the  freeboard.  They  compared  their  simulated 
results  with  experimentally  determined  compositions; 
reasonable  agreement  was  obtained  by  variation  of  system 
parameters.  Their  model  had  the  following  major  limitations: 

1)  The  predictions  depended  heavily  on  some  hydrodynamic 
parameters  for  which  correlations  had  not  yet  been 
developed.  Only  by  adjusting  the  parameters  were  suitable 
fits  of  the  model  to  the  experimental  observations  obtained. 

2)  Experimental  observations  have  indicated  that  the  water- 
gas  shift  equilibrium  is  usually  not  approached  in 
f luidized-bed  gasifiers  until  the  gasifier  reaches  very  high 
temperatures . 

Bacon  and  Downie  (1982)  developed  a  model  for  the 
f luidized-bed  gasification  of   wood,   based   on   the   bubble 
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assemblage  model.  Their-  model  included  devolat  i  1  izat  ion , 
char  gasification  reactions  and  the  water-gas  shift 
reaction.  They  assigned  degrees  of  equilibrium  for  the  char 
gasification  reactions.  They  stated  that  a  comparison  of  the 
simulated  runs  with  some  industrial  data  showed  fairly  good 
agreement.  The  major  limitation  of  their  model  is  that  the 
kinetics  are  not  included. 

Raman  et  al .  (1981)  developed  a  model  to  simulate  the 
behavior  of  a  fluidized  bed  for  biomass  gasification  and 
applied  it  to  simulate  experimentation  with  feedlot  manure. 
The  model  included  the  char  gasification  and  water-gas  shift 
reactions  in  addition  to  devoid t il izat ion .  No  elutriation  of 
char  was  considered.  A  comparison  of  the  steady  gas 
compositions  with  their  experimental  results  showed  good 
agreement.  Chang  et  a 1 .  (1983)  extended  this  work  to  provide 
information  on  the  dynamic  behavior  of  the  f luidized-bed 
gasifier.  The  major  limitation  of  this  model  is  that 
freeboard  reactions  are  not  included. 

CONCLUDING  REMARKS 

From  the  reviews  presented,  it  is  evident  that  several 
factors  affect  the  gasification  of  biomass;  however,  the 
effect  of  some  of  them  is  not  clear.  Temperature  affects  the 
process  the  most.  Other  factors  such  as  gas  residence  time, 
particle  size,  heating  rate,  appear  to  influence  the  product 
yield.   In  the  case  of  steam  gasification,  with  evidence  for 
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the  water-gas  shift  reaction  domination,  the  steam-to-feed 
ratio  can  be  a  significant  factor  affecting  the  process.  The 
present  work  was  conducted  in  an  effort  to  clarify  the 
effect  of  steam-to-feed  ratio  on  steam  gasification  of 
Siberian  elm.  It  was  also  directed  at  developing  a 
mathematical  model  for  the  f luidized-bed  gasification  of 
wood  which  includes  devolatilization ,  char  gasification 
reactions,  water-gas  shift  reactions  and  freeboard 
reactions . 
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Figure  2.1.   Conversion  technologies  for  manufacturing  wood- 
derived  energy  products.  (Cheremisinof f ,  1983). 
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CHAPTER  3 


FLUIDIZED-BED  GASIFICATION  OF  SIBERIAN  ELM 


Due  to  the  depletion  of  fossil  fuels,  recent  attention 
has  been  turned  towards  wood  to  supplement  our  future  energy 
demands.  Wood  is  an  attractive  energy  resource,  mainly 
because  it  can  be  produced,  processed  and  utilized  at  lower 
costs  compared  to  many  of  the  conventional  energy  sources 
(Smil,  1983).  A  number  of  research  efforts  have  been  devoted 
tc  the  efficient  conversion  of  wood  into  energy  and 
chemicals  (Chow  et  a 1 . ,  1983;  Bailie,  1981).  Currently,  wood 
provides  about  2%  of  our  total  energy  demands  and  projected 
figures  show  that,  by  1990,  wood  alone  can  contribute  about 
8%  of  the  energy  demand  in  the  U.  S.  (Zerbe,  1981).  In  order 
to  realize  the  vast  potential  of  wood  for  energy,  techniques 
such  as  short  rotation  intensive  culture  have  been  developed 
for  the  growth  of  woody  plants  with  short  harvest  age 
(Geyer ,  1981  )  . 

One  method  for  the  conversion  of  wood  to  fuel  gas  or 
synthesis  gas  is  gasification.  Gasification  involves  thermal 
decomposition  (pyrolysis)  at  temperatures  above  800  K 
coupled  with  secondary  reactions  of  the  volatiles.  Pyrolysis 
alone  results  in  appreciable  char  and  tar  production  which 
complicates  the  process  (Modell,  1982).  Gasification  has 
been  found  to  increase  carbon  conversion  through  tar 
cracking..  and  the  water-gas  shift  reaction.  In  steam 
gasification,  contrc-3  of  the  H2/C0  ratio  (important  for  the 
thesis  gas  production)  is  facilitated.  The  influence  of 
3-1 


major  operating  parameters  such  as  temperature,  particle 
size  and  gas  residence  time  have  been  studied  by  various 
researchers . 

A] though  the  effect  of  steam-to-feed  (S/F)  ratio  has 
been  explored,  its  influence  has  not  been  determined 
conclusively.  Antal  (1978)  concluded  that  S/F  ratios  up  to 
1.4  have  little  effect  on  the  gasification  of  wood.  Feldman 
(1981)  also  concluded  that  for  a  S/F  ratio  of  0.8,  there  is 
no  net  steam  consumption.  On  the  other  hand,  Rensfelt  et  al . 
(1978)  concluded  that  steam  is  consumed  through  steam 
reforming  reactions.  Schoeters  (1981)  gasified  wood  with 
steam  and  explained  their  results  through  a  water-gas  shift 
reaction  mechanism.  Walawender  et  a 1 .  (1985a)  explained 
their  results  for  the  steam  gasification  of  cellulose 
through  a  water-gas  shift  reaction  mechanism  for 
temperatures  above  940  K.  Singh  et  al_ .  (1986)  reached  the 
same  conclusion  for  the  steam-gasification  of  cottonwood. 
Similar  results  were  obtained  for  Siberian  elm  gasification 
(Walawender,  1985b). 

The  principal  objective  of  this  chapter  is  to  clarify 
the  influences  of  steam  and  the  S/F  ratio  on  the  product  gas 
obtained  from  the  steam  gasification  of  wood  in  a  fluidized 
bed.  Systemmatic  data  were  obtained  for  a  S/F  ratio  range  of 
3  to  11  and  statistically  analyzed  to  asses  the  significance 
of  this  parameter. 


EXPERIMENTAL  FACILITIES  AND  PROCEDURE 
Facil ities 

The  overall  system  used  in  the  present  work  is  shown 
schematically  in  Figure  3.1.  It  consisted  of  three  sections: 
the  reactor,  gas  cleaning,  and  gas  sampling  sections.  The 
reactor  contained  four  zones:  the  disengaging,  fluidized 
bed,  packed  bed,  and  gas  inlet  zones.  The  inlet,  packed,  and 
fluidized  zones  were  constructed  from  a  schedule  40  Inconel 
600  pipe  (I.D.  10.16  cm  I.D.  by  55  cm  length);  a  second 
section  of  pipe  (15.24  cm  I.D.  by  20  cm  length)  formed  the 
disengaging  zone  (freeboard)  of  the  reactor  (see  Figure 
3.2).  The  bottom  25  cm  of  the  reactor  vessel  served  as  the 
gas  distribution  and  preheating  zone.  The  top  15  cm  of  this 
section  was  packed  with  aluminium  oxide  pellets  (0.5  cm  in 
diameter).  The  packed  bed  section  allowed  the  fluidizing  gas 
to  uniformly  enter  the  f luidized-bed  zone.  The  inlet  zone 
and  packed  bed  zones  were  separated  by  a  60  mesh  316  SS 
screen.  The  packed  bed  and  fluidized  bed  were  also  separated 
by  an  identical  screen.  Instead  of  gaskets,  heat  resistant 
sealent  was  used  between  all  flanges. 

The  bed  was  made  up  of  a  solid  matrix  containing  25%  by 
weight  of  limestone  and  75%  by  weight  of  silica  sand;  the 
limestone  was  added  to  prevent  agglomeration  which  typically 
occurs  in  a  bed  composed  only  of  silica  sand  (Walawender  et 
al. ,  1981).  The  limestone  particles  ranged   between   -30   to 


+50  mesh  (0.59  mm  to  0.287  mm).  The  static  bed  height  was  8 
to  10  cm,  and  the  expanded  bed  height  was  12  to  14  cm. 

The  reactor  was  heated  by  means  of  twelve  quarter 
cylindrical  electrical  resistance  heaters,  each  capable  of 
delivering  up  to  1200  watts  of  power,  with  a  maximum 
sustained  operating  temperature  of  1550  K.  The  heaters  were 
stacked  in  three  tiers,  each  having  four  heaters.  The  top 
four  quarter  cylinder  heaters  were  connected  in  parallel; 
the  bottom  two  tiers  had  two  parallel  connections,  each 
having  two  quarter-cylinders.  Voltage  to  each  set  of  heaters 
was  controlled  independently  by  PID  controllers  (Omega  model 
49K-814).  There  were  five  chromel-alumel  thermocouples 
installed  in  the  reactor.  One  of  them,  a  sliding 
thermocouple,  measured  the  axial  temperature  profile  in  the 
reactor.  The  others  were  located  in  the  freeboard, 
f luidized-bed  zone,  preheating  zone,  and  the  middle  of  the 
reactor.  The  controllers  indicated  the  temperatures  measured 
by  the  thermocouples  and  activated  the  heaters  as  necessary 
to  maintain  a  preset  temperature  profile  inside  the  reactor. 
A  pressure  probe,  connected  to  a  water  manometer,  indicated 
the  bed  pressure  and  the  state  of  f luidization . 

The  feed  was  introduced  into  the  reactor  by  gravity 
flow  through  a  vertical  feed  pipe  (3  cm  I.D.)  which 
discharged  at  a  location  about  8  cm  above  the  static  bed.  A 
Vibra  Screw  Feeder  (Model  SCR-20),  with  a  solid  core  flight 
screw,  delivered  the  feed  material  at  a   uniform   volumetric 
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flow  rate.  A  purge  flow  of  nitrogen  aided  the  flow  of  fine 
particles  through  the  feed  pipe  and  prevented  gas  backflow 
and  subsequent  condensation  of  vapor  in  the  upper  section  of 
the  feed  pipe  and  the  feeder. 

Steam,  produced  externally  in  a  Sussman  Hot  Shot 
electric  boiler  (Model  MB-6),  served  as  the  fluidizing 
medium.  It  was  supplied  to  the  preheating  section  at  a 
temperature  of  about  400  K  and  a  pressure  of  about  200  kPa . 
A  needle  valve  was  placed  in  the  steam  line  to  control  the 
steam  flow  rate . 

The  gas  exiting  from  the  reactor  was  passed  through  a 
cyclone  to  remove  particulate  solids  (char).  The  reactor  and 
cyclone  were  both  insulated  with  Kao  wool.  The  insulation 
maintained  the  cyclone  at  an  elevated  temperature  to  prevent 
condensation  of  steam.  The  gas  stream  leaving  the  cyclone 
was  then  passed  through  two  water  cooled  single  pipe  heat 
exchangers  placed  in  series.  An  additional  glass  condensor 
ensured  complete  condensation.  A  condensate  receiver,  at  the 
exit  of  the  exchangers,  collected  tar  and  steam  condensate. 
The  gas  was  further  cleaned  by  means  of  a  dry  scrubber 
packed  with  glass  wool.  The  scrubber  effectively  removed  the 
fine  tar  mist  from  the  gas  without  creating  excessive 
pressure  drop. 

A  wet  test  meter,  connected  to  a  strip  chart  recorder, 
measured  the  flow  rate  of  gas  as  it  discharged  from  the 
scrubber.  A  side  draw  of  the   gas   stream   was   dried   in   a 
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column   packed   with   drierite  ( CaSO  )  and  then  pumped  to  an 
on-line  gas  chromatograph  for  analysis. 

Procedure 

The  heaters  were  turned  on  about  three  to  four  hours 
before  the  commencement  of  an  experiment,  and  the 
controllers  were  set  to  the  desired  operating  temperature. 
Air  served  as  the  feed  pipe  purge  gas  as  well  as  the 
fjuidizing  agent  during  the  heat-up  period.  Just  before 
initiating  an  experiment,  the  steam  generator  was  switched 
on;  once  steam  was  available,  the  f luidizing-air  floi^  was 
gradually  replaced  by  steam.  A  needle  valve  placed  in  the 
steam  line  adjusted  the  steam  rate.  The  steam  rate  was 
measured  by  collecting  the  condensate  downstream  from  the 
condensers . 

When    the    gasifier   reached   the   desired   operating' 
temperature,  the  axial  temperature  profile  over  the   reactor 
and   freeboard   was   measured  with  the  sliding  thermocouple, 
and  the  controllers  were  adjusted  accordingly  to  maintain  as 
uniform  of  an  axial  temperature  profile  as  possible. 

The  feed  rate  was  measured  by  disconnecting  the  lower 
section  of  the  feed  pipe  and  weighing  the  effluent  collected 
over  three-minute  time  intervals.  This  was  done  three  times 
at  the  start  and  end  of  each  run,  respectively,  to  ensure 
uniform  feeding  throughout  the  experiment.  When  the  feeding 
started   the  temperature  of  the  reactor  dropped  slightly  but 
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it  was  adjusted  to  the  set  point  by  the  controllers.  A  gas 
sample  was  extracted  about  10  minutes  after  the  initiation 
of  feeding,  and  every  11  minutes  thereafter  by  an  automatic 
sampler  on  the  gas  chromatograph .  The  flow  rates  of 
condensate  and  nitrogen  were  measured  at  regular  intervals 
throughout  the  run.  A  typical  run  lasted  100  to  120  minutes; 
the  data  obtained  in  the  last  40  to  50  minutes  were  used  for 
analysis . 

It  was  impossible  to  measure  the  total  char  produced  in 
a  run  because  of  the  hold-up  of  char  in  the  bed.  It  was  also 
impossible  to  measure  total  tar  due  to  hold-up  in  the  heat 
exchangers . 

Chemical  Analysis 

The  dry  off-gas  was  analyzed  with  an  Applied  Automation 
(Optichrom  2100)  on-line  process  gas  chromatograph.  The 
components   of   interest   were  H_ ,  CO,  CO.,  CH . ,  C_K .  ,  C_He , 

2.  2.  4     2     4     2     b 

C_H  ,  C  H  ,  0  ,  and  N  .  The  chromatograph  had  a   cycle   time 

of  11  minutes.  Moisture  and  ash  in  the  feed  and  char  were 
anaJyzed  according  to  the  standard  ASTM  procedures  in  a 
ventilated  oven  and  muffle  furnace,  respectively.  Elemental 
analyses  of  the  feed,  and  char  were  conducted  with  a  Perkin- 
Elmer  (model  240B)  elemental  analyzer.  The  heat  of 
combustion  of  the  wood  was  measured  with  a  bomb  calorimeter. 


Operating  Conditions 

The  ranges  of  the  operating  conditions  for  all  the  runs 
are  summarized  in  Table  3.1.  The  axial  temperature  profile 
was  maintained  as  uniform  as  possible  in  each  run.  Steam  and 
feed  rates  were  simultaneously  adjusted  to  give  the  desired 
steam-to-feed  (S./F)  ratio  while  maintaining  a  uniform  gas 
residence  time  in  the  reactor.  In  maintaining  the  gas 
residence  time  constant,  it  was  necessary  to  vary  the  steam 
rate  according  to  the  operating  temperature.  The  gas 
residence  time  varied  between  4  and  6.5  seconds;  it  was 
estimated  on  the  basis  of  the  reactor  temperature,  total  dry 
gas  flow  rate  and  steam  rate. 

Feed  Material 

Siberian  Elm  ( Ulmus  pumi la  L . ) ,  a  medium  density  wood 
of  specific  gravity  0.46  was  the  feed  material.  Ten  trees 
planted  on  an  upland  silt  loam  prairie  soil  were  randomly 
selected  and  were  chipped  in  their  entirety  with  a  Mobark 
chipper.  The  chips  were  isolated  from  the  branches  and  air 
dried.  They  were  then  ground  in  a  hammer  mill.  The  ground 
material  was  then  sieved  to  remove  the  -28  to  +  50  mesh 
fraction  which  served  as  the  feed  material.  The  particle 
size  was  further  reduced  by  passing  the  sieved  fractions 
through  a  Fritz  mill  with  a  0.020  in  (0.508  in)  screen.  The 
elemental  analysis  of  the  feed  material  is  presented  in 
Table  3.2. 
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METHOD  OF  DATA  ANALYSIS 

The  necessary  calculations  were  executed  with  the  data 
obtained  during  the  last  40-50  minutes  of  each  run,  when  the 
reactor  was  operating  under  steady-state  conditions.  Each 
gas  chromatograph  ( GC )  cycle  in  the  steady-state  period  was 
treated  as  an  individual  data  point.  For  each  data  point, 
the  axial  temperature  profile  was  measured,  and  the  average 
of  the  temperature  measurements  was  taken  as  the 
representative  temperature  for  the  data  point.  Again,  for 
each  data  point,  the  gas  flow  rate  was  measured  separately. 
The  GC  readings  were  adjusted  for  the  nitrogen  purge  to 
determine  the  dry  product  gas  composition. 

The  gas  higher  heating  value  (HHV)  (on  a  volumetric 
basis)  was  calculated  from  the  composition  of  the  dry  gas 
and  the  standard  heat  of  combustion  of  each  component  .  The 
volumetric  flow  rate  of  the  product  gas  was  determined  from 
the  difference  in  the  rates  measured  by  the  wet  test  meter 
with  and  without  feeding.  The  volumetric  gas  yield  per  unit 
mass  of  feed  (on  a  dry  ash-free  basis  ( DAF ) )  was  calculated 
from  the  volume  flow  rate  of  the  dry  produced  gas  (at  ?88  K 
and  101.3  kPa)  and  the  mass  rate  of  the  DAF. 

The  energy  recovery  (expressed  as  percentage)  was 
calculated  from  the  ratio  of  the  product  of  the  gas  yield 
per  unit  mass  of  DAF  feed  and  the  KHV  of  gas  to  the  heat  of 
combustion  of  a  unit  mass  of  DAF  feed.  It  represents  the 
percentage  cf  the  energy  content  of  the  feed  that  is  present 
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as  combustible  gas.  The  carbon  conversion  (again  expressed 
as  percentage)  was  determined  from  the  ratio  of  the  atoms  of 
carbon  in  the  gas  produced  from  a  unit  mass  of  DAF  feed  to 
the  atoms  of  carbon  in  a  unit  mass  of  DAF  feed.  It 
represents  the  percentage  of  carbon  in  the  feed  converted  to 
gas.  The  mass  yield  of  gas  was  evaluated  by  converting  the 
volumetric  yield  to  a  mass  basis. 

STATISTICAL  ANALYSIS 

The  experiments  were  designed  to  investigate  the 
effects  of  temperature  and  S/F  ratio  on  the  gasification 
characteristics.  The  combinations  of  temperature  and  S/F 
ratio  studied  are  presented  in  matrix  form  in  Table  3.3.  The 
order  in  which  the  experiments  were  conducted  was  randomized 
to  reduce  bias.  All  the  statistical  analyses  were  conducted 
with  the  SAS  (Statistical  Analysis  System,  Version  5) 
package . 

Single  Variable  Regression 

Regression  analyses  are  performed  to  determine  the 
"best-fit"  polynomial  relationships  between  the  independent 
variable  and  the  dependent  variables,  (e.g.  gas  volumetric 
yield  vs  temperature  for  a  fixed  S/F  ratio).  An  analysis  of 
variance  is  performed  to  test  the  significance  of  each 
regression  model.  The  coefficients  determined  from  the 
regression   analyses   are   accepted   as  being  significant  or 
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rejected  on  the  basis  of  the  F-test  statistic  at  the  5% 
significance  level.  The  criteria  for  selecting  the  "best 
fix"  .model  include  F-test,  parameter  significance  level,  and 
the  P.-square  values . 

In  order  to  determine  if  there  is  a  significant  effect 
of  a  parameter  on  a  particular  dependent  variable  (e.g  S/F 
ratio  on  each  gasification  characteristic),  the  single 
varaible  regression  models  are  compared  with  the  "General 
Linear  Test  Approach"  (Neter  and  Wasserman,  1974).  In  this 
approach,  the  regression  model  coefficients  are  compared  for 
different  values  of  the  parameter  studied  with  the  F-test  as 
the  decision  criteria  for  models  of  the  same  order. 

Multi-Variable  Approach 

Regression  models  with  more  than  one  independent 
variable  (e.g.  temperature  and  S/F  ratio)  are  examined. 
Additionally,  interaction  terms  between  the  independent 
variables  are  also  considered  in  the  model.  This  analysis 
employs  three  methods  for  selecting  the  best  regression 
model;  (1)  Forward  Selection,  (2)  Backward  Elimination,  and 
(3)  Maximum  R-Square  Improvement.  The  criteria  for  selecting 
the  best  model  are  the  F-test,  parameter  significance  level, 
R-square  value  and  C(P)  value  (see,  e.g.,  Ott ,  1984).  A 
model  is  chosen  to  have  all  variables  significant  if  the 
C(P)  value  is  approximately  equal  to  the  number  of  variables 
in  the  model . 
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In  the  present  work,  temperature  and  the  S/F  ratio 
constitute  the  independent  variables.  Hence,  the  form  of  the 
regression  model  is  as  follows 

y  =   A  +  BT  +  CT2  +  DS  +  ES2  +  F  T*S 

where 

v     response  variable 

A     coefficient  of  the  zero  order  term 

B,D   coefficients  of  the  first  order  terms 

in  temperature  and  steam-to-feed  ratio 

respectively 
C,E   coefficients  of  the  second  order  terms 

in  temperature  and  steam-to-feed  ratio 

respectively 
F     coefficient  of  the  interaction  term 
T     temperature  of  the  reactor  in  K 
and 
S     S/F  ratio 


RESULTS 

The  experimental  data  for  Siberian  elm  gasification 
were  divided  in+:o  three  groups,  according  to  the  S/F  ratio 
employed  in  the  experiments  (  S/F  =  3,  7  and  11),  for  the 
single  variable  regression  analyses.  Each  group  was 
separately   analyzed   to   establish  the  relationship  between 
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temperature  and  the  various  gasification  characteristics. 
The  major  characteristics  of  interest  were  the  compositions 
of  the  major  components  of  the  dry  product  gas,  the  dry  gas 
heating  value,  the  volumetric  and  mass  yields  of  the  dry 
product  gas,  the  carbon  conversion  to  gas,  and  the  energy 
recovery . 

The  effects  of  temperature  on  the  gasification 
characteristics  for  various  S  /F  ratios  are  illustrated  in 
Figures  3.3  through  3.10.  In  all  the  figures,  the  lines 
represent  the  selected  regression  models.  The  regression 
coefficients  for  the  "best-fit"  relationships  between 
temperature  and  the  gasification  characteristics  are 
summarized  in  Table  3.4. 

Statistical  comparisons  of  the  regression  models  with 
temperature  as  the  independent  variable  were  attempted  to 
assess  the  effect  of  S/F  ratio  on  the  gasification 
characteristics.  When  the  orders  of  the  regression  models 
being  compared  were  not  the  same  at  different  S/F  ratios, 
they  were  forced  to  be  the  same  (generally  higher  order  was 
reduced  to  first  order)  thereby  enabling  comparisons.  It  was 
not  possible  to  compare  all  of  the  gasification 
characteristics  due  to  differences  in  variances.  Comparisons 
were  possible  only  for  the  concentrations  of  CO  and  CO  ,  the 
mass  yield  of  gas  and  the  energy  recovery.  The  results  of 
these  comparisons  are  summarized  in  Table  3.5. 


For  the  multi-variable  regression,  both  the  S/F  ratio 
and  temperature  were  the  independent  variables.  The  results 
of  this  analysis  are  presented  in  Table  3.6.  Figure  3.11 
compares  multi-variable  regression  models  for  H  and  CO  for 
S/F  ratios  of  3  and  11.  The  models  for  mass  yield  of  gas  and 
volumetric  yield  of  gas  at  S/F  ratios  of  3  and  11  are 
compared  in  Figure  3.12.  Carbon  conversions  and  energy 
recoveries  are  presented  in  Figure  3.13. 


DISCUSSION 

Biomass  gasification  has  been  studied  in  detail  by 
Antal  et  a 1 .  (1978)  and  others.  Most  researchers  agree  that, 
conceptually,  gasification  occurs  in  three  stages,  (1) 
Pyrolysis  or  devolatilizat ion  which  produces  volatile  matter 
and  char,  (2)  secondary  reactions  of  the  volatiles  and  (3) 
gasification  of  char  by  steam. 

Thermogravimetry  of  wood  and  other  biomass  has  shown 
that  the  majority  of  devolatilization  takes  place  over  a  300 
K  temperature  interval  and  that  it  is  essentially  complete 
at  a  temperature  of  800  K.  The  rate  of  biomass 
devolatilization  has  been  investigated  by  Raman  et  a 1 . 
'1981a,  1981b)  and  Antal  (1978,1979).  Antal  (1979)  has 
calculated  that  the  time  for  completion  of  devolatilization 
of  small  biomass  particles  (75-250  microns  in  size)  to  be 
iess  than  0.5  sec.  Devolatilization  in  a  f luidized-bed 
reactor  has  been  found  to  be  nearly  instantaneous  for  small 
particles  (Raman  et  a 1 . ,  1981a).  Char  yields  for  fast 
pyrolysis  of  small  wood  particles  in  a  fluidized  bed  have 
been  determined  to  be  less  than  10%  (van  den  Aarsen  et  al. , 
1982  ).  Consequently,  for  f luidized-bed  gasification,  only 
steps  2  and  3  of  the  conceptual  gasification  mechanism  need 
to  be  of  concern. 

Antal  (1979)  has  indicated  that  the  secondary  gas  phase 
reactions  (tar  cracking  and  the  water-gas  shift  reaction) 
are  import  ant  in  determining  the   gas   composition.   Ke   has 
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stated  that  the  important  factors  are  temperature  and  the 
gas  phase  residence  time  (ie.  the  time-temperature  history 
of  the  volatiles). 

Walawender  et  a 1 .  (1982)  have  hypothesized  that  in  the 
case  of  the  gasification  of  alpha  cellulose,  the  secondary 
reactions  can  be  divided  into  two  regimes:  a  tar  cracking 
dominated  regime  (for  T  <  940  K)  and  a  water-gas  shift 
reaction  dominated  regime  (for  T  >  940  K) .  Assuming  that  the 
water-gas  shift  reaction  was  the  sole  reaction  for 
temperatures  above  940  K,  Walawender  et  al,.  (1982)  have 
related  the  slope  of  the  gas  yield-temperature  plot,  to  the 
sJopes  of  the  mole  fraction-temperature  plots  of  the 
components  (H  ,  CO  ,  and  CO)  over  this  temperature  regime. 
They  also  have  demonstrated  that  the  slopes  for  CO,  CO  and 
H  are  approximately  in  the  proportions  -1:1:1.  These 
proportions  are  required  by  the  water-gas  shift  reaction 
stoichiometry ; 

CO      +      H20    >      C02  +  H2 

Singh  et  a 1 .  (1986)  have  found  a  similar  behavior  for 
the  gasification  of  cottonwood.  In  the  second  temperature 
regime,  they  were  able  to  force-fit  their  gas  composition 
data  to  the  -1:1:1  proportions  with  a  maximum  deviation  of 
2.5  % .  Unlike  cellulose,  they  observed  that  the  carbon 
conversion  continued  to  increase  for  temperatures  greater 
than   940   K;   this   was   attributed  to  the  cracking  of  tars 
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originating  from  lignin.  Nevertheless,  they  concluded  that 
the  water-gas  shift  was  the  dominant  secondary  reaction 
above  9  40  K. 

Rensfelt  et  al .  (1978)  and  Antal  (1978)  have  indicated 
that  gasification  of  char  is  not  significant  for  temperature 
ranges  typical  of  this  work.  However,  they  were  concerned 
with  relatively  low  S/F  ratios  (i.e.<l).  In  the  present 
work,  the  S/F  ratio  was  sometimes  greater  than  10,  providing 
a  high  driving  force  for  the  steam  gasification  of  char. 
This  point  will  be  elaborated  on  later. 

In  the  present  set  of  experiments,  the  time-temperature 
history  variations  of  the  volatiles  were  minimized. 
Moreover,  since  most  experiments  were  conducted  above  940  K, 
the  results  can  be  explained  primarily  in  terms  of  the 
water-gas  shift  reaction.  Analysis  of  the  systemmatic  data 
obtained  in  this  work  provided  a  variety  of  evidences  to 
further  support  the  contention  of  dominance  of  the  shift 
reaction.  These  evidences  are  presented  in  the  following 
paragraphs . 

Evidence  for  Water-gas  Shift  Reaction 

The  variations  in  the  compositions  of  the  major 
components  of  the  dry  product  gas  with  temperature  are  shown 

in  Figures  3.3  through  3.5  with  S/F  ratio  as  a  parameter. 
The  sum  of  the  concentrations  of  CO  and  CO  in  the  dry 
product  gas  have  been  found  to  decrease  with  temperature   at 


each  S/F  ratio  for  temperatures  above  940  K.  Additionally, 
straight  lines  of  a  common  (absolute)  slope,  force-fitted  to 
the  experimental  plots  for  the  concentrations  of  CO,  CO  and 
H  with  the  CO  plot  as  the  basis,  indicate  that  in  the  case 
of  H  ,  the  maximum  deviations  of  these  fits  from  the  data 
are  2.5%.  0.5%  and  1.5%  (for  S/F  =  3,7  and  11  respectively). 
In  the  case  of  CO  the  deviations  have  been  found  to  be  less 
than  10%.  These  findings  are  consistent  with  the  dominance 
of  the  water-gas  shift  reaction. 

If  it  is  assumed  that  water-gas  shift  reaction  is  the 
only  secondary  gas  phase  reaction,  then  according  to  the 
stoichiometry ,  the  sum  of  the  number  of  moles  of  CO  and  CO 
must  be  constant  for  any  temperature.  Also,  the  increase  in 
the  number  of  moles  of  H  is  equal  to  the  decrease  in  the 
number  of  moles  of  CO  and  their  sum  is  constant.  Thus,  based 
or.  the  stoichiometry,  we  can  write 


constant  =  A 


The  variations  due  to  different  feed  rates  is  normalized  by 
the  above  ratio.  The  number  of  moles  of  each  species  are 
calculated  from  the  gas  concentrations  and  the  gas 
volumetric  flow  rate  (on  dry  basis).  A  plot  of  A 
vs.  temperature  is  shown  in  Figure  3.14.  From  the  plot  it  is 
clearly   seen  that  for  temperatures  above  940  K,  the  ratio  A 
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does  not  vary  appreciably.  It  should  be  noted  that  the 
points  on  the  graph  cover  the  range  of  experimental  S/F 
r  a  t  i  o  s  . 

The  gas  higher  heating  values  obtained  in  the  present 
experiments  also  show  consistency  with  the  hypothesis  of  a 
water-gas  shift,  reaction  dominated  zone.  In  this  regime,  the 
gas  heating  value  should  decrease  slightly  with  an  increase 
in  temperature  due  to  the  diluent  effect  of  CO  which  was 
v.rhat  was  observed.  Also,  the  increases  in  the  dry  gas 
volumetric  and  mass  yields  are  consistent  with  the  water-gas 
shift  hypothesis.  In  the  temperature  region  above  940  K, 
mass  yields  greater  than  1  kg  gas/kg  DAF  feed  have  been 
obtained.  This  result  is  a  direct  consequence  of  the  shift 
reaction . 

Though  the  condensate  rates  could  not  be  measured  with 
sufficient  accuracy  to  precisely  determine  the  amount  of 
steam  consumption,  it  was  generally  observed  that  the 
condensate  rate  dropped  after  the  feed  started  in  all  the 
experiments.  Also  the  amount  of  reduction  increased  with 
increasing  temperature. 

The  carbon  conversion  has  been  observed  to  continue  to 
increase  with  temperature  for  temperatures  above  940  K  as 
illustrated  in  Figure  3.10.  This  may  be  due  in  part  to  the 
fact  that  although  lignin  tar  cracking  is  not  complete  at 
940  K,  it  may  be  small  enough  to  not  mask  the  dominance  of 
the   water-gas  shift  reaction  (Singh,  1986).  Due  to  the  high 
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S.'F  ratios  employed,  char  gasification  may  be  partially 
responsible  for  the  increase  in  the  carbon  conversion. 
Evidence  for  steam  gasification  of  char  is  presented  later. 

Effect  of  Steam-to-Feed  Ratio 

The  preceeding  discussion  implies  that  the  water-gas 
shift  reaction  is  the  dominant  reaction  above  940  K  when 
steam  is  present  in  large  excess.  One  of  the  major 
objectives  of  this  work  was  to  determine  the  effect  of  the 
S./F  ratio  on  the  gasification  characteristics.  The  effect  of 
the  S/F  ratio  on  the  gasification  process  has  not  been 
previously  studied  in  a  systematic  fashion. 

The  statistical  approach  suggested  by  Neter-Wasserman 
(1974)  was  employed  in  an  attempt  to  determine  the  effect  of 
the  S/F  ratio  on  the  gasification  characteristics.  However, 
differences  in  the  order  of  the  regression  models  and 
differences  in  the  variances  for  different  S/F  ratios  did 
not  allow  statistical  comparisons  to  be  made  for  all  the 
characteristics.  Comparisons  were  only  possible  for  the 
concetrat ions  of  CO  and  CO  ,  the  energy  recovery,  and  the 
mass  gas  yield. 

Since  the  method  of  Neter-Wasserman  was  not  fruitful , 
a  two  variable  regression  was  employed  for  analyzing  the 
effect  of  the  S/F  ratio.  The  multiple  regression  models, 
plotted  in  Figures  3.11-3.13,  reveal  the  effects  of  ST 
ratio  and  temperature  on  the   gasification   characteristics. 
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The  curves  have  been  plotted  by  substituting  values  of  3  and 
11  in  the  regression  models  given  in  Table  3.6. 

Figure  3.11  shows  a  decrease  in  concentration  of  CO  and 
an  increase  in  that  of  H  with  an  increase  in  the  S/F  ratio; 
this  is  what  we  would  expect  from  the  water-gas  shift 
reaction  hypothesis.  Also,  an  increase  in  the  S/F  ratio 
results  in  increase  in  gas  mass  and  volumetric  yields 
(Figure  3.12)  and  increase  in  energy  recovery  (Figure  3.13). 
Increasing  the  S/F  ratio  provides  an  increase  in  the  driving 
force  for  the  water-gas  shift  reaction;  this  results  in  an 
increase  in  the  amount  of  steam  converted  to  product  gas  and 
subsequently  larger   mass  and  volumetric  gas  yields. 

Higher  heating  values  of  the  gas  do  not  vary 
appreciably  with  S/F  ratios.  However,  an  increase  in  the  S/F 
ratio  results  in  an  increase  in  the  energy  recovery  through 
the  increase  in  the   volumetric  gas  yield. 

We  also  note  an  increase  in  the  carbon  conversion  with 
increaing  S/F  ratio  (Figure  3.13),  which  can  not  be 
explained  on  the  basis  of  water-gas  shift  reaction.  Since 
tar  cracking  is  influenced  primarily  by  temperature,  the 
increase  in  the  carbon  conversion  with  an  increase  in  the 
S/F  ratio  can  only  be  attributed  to  steam  gasification  of 
char  . 

From  the  above  discussion,  we  infer  that  S/F  ratio  is 
ar  important  parameter  in  the  determination  of  gasification 
characteristics  for  a  S/F  ratio  range  of  3  to  11. 
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In  closing,  it  is  appropriate  to  comment  on  the 
approach  to  equilibrium  in  the  gas  phase.  The  ratio  of  the 
experimental  mole  fractions  YC02  •  ^H2//yC0 '  yH20 '  (assuming 
ideal  gas  behavior)  has  been  plotted  against  temperature  for 
a  S/F  ratio  of  7  in  Figure  3.15.  This  ratio  is  calculated  on 
a  wet  gas  basis  from  the  dry  gas  volumetric  flow  rate,  the 
dry  gas  composition  and  the  steam  flow  rate.  It  is  compared 
with  the  equilibrium  constant,  K,  where 

YC02'  yH2 


*H20"  'CO 


y* 

the    starred    quantities    represent     the     equilibrium 

concentrations   of  the  respective  gaseous  species.  As  can  be 

seen  from  Figure  3.15,   the   experimental   data   points   are 

significantly   offset   from  equilibrium  (solid  curve)  at  low 

tpr,:Deratures  and  only  tend  to  approach  equilibrium  at  higher 

temperatures . 

By  slightly  altering   the   experimental   mole   fraction 

ratio  it  is  possible  to  construct  a  plot  of 

YC02'YH2           YH20  .      .   _.       -  „_   _,.. 
vs    as  shown  in  Figure  3.16.  This 


yX^  *C0 

plot  reflects  a  variable  S/F  for  a  given  T.  The  solid  line 
represents  equilibrium  condition  for  a  temperature  of  1073 
K.  From  the  figure,  it  can  be  seen  that  there  is  an  apparent 
correlation  of  the  data  at  each  temperature  over  the  range 
of  S/F  ratio. 


CONCLUDING  REMARKS 

The  observed  behavior  of  the  steam  gasification 
characteristics  of  Siberain  elm  are  consistent  with  the 
conceptual  mechanism  proposed  by  Walawender  et  al .  (1982): 
at  temperatures  above  940  K  the  process  is  dominated  by  the 
water-gas  shift  reaction.  Moreover,  steam,  when  in  present 
in  large  excess,  takes  an  active  part  in  the  gasification, 
being  converted  to  product  gas  in  significant  amounts. 

Multilple  regression  models  for  the  gasification 
characteristics  indicate  that  an  increase  in  the  S/F  ratio 
results  in  increases  in  the  concentrations  of  H  and  CO  ,  a 
decrease  in  the  concentration  of  CO,  increases  in  the 
volumetric  and  mass  yields  of  gas,  and  increase  in  the 
energy  recovery.  All  these  can  be  explained  by  the  shift 
reaction  postulation.  The  observed  increase  in  the  carbon 
conversion  can  be  attributed  to  the  steam  gasification  of 
char  . 

While  steam  is  an  active  gasification  agent  for  the 
range  of  S/F  ratio  studied,  the  gas  phase  is  not  in 
equi  1  ibrium . 
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Table  3.1.   Reactor  Operating  Parameters. 

Reactor  Temperature  Range  (K)  850  -  1125 

Fluidizing   Gas  Steam 

Superficial  Velocity    (m/sec)  0.14  -  0.165 

Condensate  Rate         (cc/min)  9.0  -  17 

Feed  Rate  (DAF  gm/min)  0.9  -  4.0 

Steam-to-Feed  Ratio  3-11 


Table  3.2.  Analysis  of  Siberian  elm. 


Ultimate  Analysis  (%    dry  basis) 

Mean  Std . Deviation 

Ash  1.7  0  0.41 

C  47.11  0.47 

H  5.7  3  0.08 

N  0.33  0.13 

0  '  4  5.13  0.62 

Moisture  Content  5.43  0.09 

Empirical  Formula  C_KQ  0.  „ 


by  difference 
measured 


Table  3.3.  Operating  Temperatures  and  Steam-to  Feed 

Ratios . 

j Temperature, K  j  875      925     975     1060       1100 

, Steam-to- 
, feed  ratio 


represents  that  experiments  were  done  at  this 
temperature  and  steam-to-feed  ratio. 
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Figure  3.2.  Fluidized  bed  reactor. 
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Figure  3 . 3.  Concentration  of  CO  in  the  product  gas  with  different 

steam-to-feed  ratios.  -Q represents  S/F  ratio  of  3 

_n Q_represents  S/F  ratio  of  7  and— > —  -*{— represents 

S/F  ratio  of  11. 
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Figure   3. A.  Concentration  of   C02    in   the   product   gas   with  d iff erent 
steam- to-feed   ratios.  -*-*-  repre sents   S/F    ra    io 
_^_arepresents   S/F    ratio   of    7    and  -*r     -*- represents 
S/F    ratio   of    1 1  - 


60- 

45  '- 

s'    o 

30- 

15- 
0  - 

1          '          1         '         1         '          I 

.!...,< 

900 


950         1000       1050        1100       1150        1200 
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Figure   3.5. Concentration   of   H2    in   the   product   gas   with  different 
steam-to-feed   ratios.  ^_^_    represents   S/F   ratio   of    3, 
9  -  B  -  represents      S/F   ratio   of      11-+ —    -^represents 
S/F   ratio  of   11. 
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Figure    3.6.   Higher   heating   value   of   gas   with   different   steam- 
to-feed   ratios.-^, — A represents      S/F    ratio   of 

3,—  q  —   Q     represents   S/F   ratio   of    7    and     y,  ■■  -    — *- 


represents   S/F   ratio   of    11. 
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Figure  3. 7.  Volumetric  gas  yield   vs   temperature     with  different 
steam- to-feed   ratios.  -Q — Q— $.    represents  S/F   ratio 

of   3, -a—  -B represents   S/F    ratio   of    7,  — * —         A 

represents  S/F  ratio  of    11. 


3-3<; 


1  .2 


o    0-8- 


800 


850 


950 


000       1050       1100       1150 


TEMPERATURE    (K) 

Figure  3.8.  Gas  mass   yield  vs   temperature  with  different   steam- 
to-feed   ratios. — Q     A —  represents     S/F   ratio   of   3, 

-a  —   -O   represents  S/F   ratio  of   7   and  -4 -*= *- 

represents   S/F    ratio   of    11. 
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Figure  3.9.  Energy  recovery  vs  temperature  with  different  S/F 

ratios.  -Q § — ^-represents  S/F  ratio  of  3 ,  e  —  q-  q 

represents   S/F  ratio  of  7  and-* —  —<— represents 
S/F  ratio  of  11. 
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Figure   3.10.  Carbon   conversion   vs   temperature   with   different 
S/F   ratios,    o  0  0  represents   S/F    ratio   of   3, 

a-e  -erepresents   S/F   ratio  of   7   and*c_*  r.  r.  +  ys 
represents  S/F   ratio   of    11. 
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Figure   3.11.    Effect  of    temperature   and      steam- to -feed 
ratio   on   gas    composition. 
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Figure  3.12.  Effect  of  temperature  and  stea.-to-feed  ratio 
>n  gas  volumetric  and  mass  yields. 


3-44 


S/F      =      11 


950         1000        1050 
TEMPERATURE     (K) 


1150       1200 


Figure   3.13-Effect  of    temperature   and    steam- to -feed    ratio 
on  carbon   conversion   and   energy   recovery. 
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Figure  3.14.         Reactor    ( ^   ^^ ^ ^ )  /  ( nco+nc02 ) 


vs    temperature. 
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Figure  3.15.  Reactor  mole  fraction  ratio  (yC02*yH2)  /  (yH20*yC0) 
temperature  with  a  steam- to-feed  ratio  of  7. 
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Figure   3.16.-    Reactor  mole  fraction      ratio(yC02  *  yH2)/(yC0*yC0)   vs 

yH20/yC0      ratio   for  different    temperatures.    0-      represents 
temperatures   of   973   K  and     o       represents      temperatures 
of      1073  K. 


CHAPTER  4 


MATHEMATICAL  MODELING  OF  FLUIDIZED-BED  GASIFICATION 


In  recent  years,  the  gasification  of  wood  in  fluidized 
beds  has  received  increasing  attention.  Low  and  medium  Btu 
fuel  gas  and  synthesis  gases  have  been  the  products  of 
interest.  In  addition  to  experimental  studies,  mathematical 
modeling  efforts  have  been  conducted  to  aid  in  scale-up, 
design  and  process  control.  The  modeling  efforts  vary 
considerably  in  their  sophistication;  they  range  from 
early  simple  models  based  only  on  char  gasification  to  more 
recent  models  which  attempt  to  include  devolat i lizat ion .  All 
_-jf  the  models  to  date  have  been  based  on  isothermal 
conditions  and  have  only  considered  the  bed  section. 

Some  of  the  proposed  models  have  been  based  on  the  two 
phase  theory  of  f luidization.  They  employ  either  the  Kunii 
and  Levenspiel  model  (K-L)  (1969)  or  the  Davidson  and 
Harrison  model  (D-H)  (1971).  Yoshida  and  Kunii  (1974)  have 
modeled  the  gasification  of  pure  carbon  with  air  or  steam 
based  on  the  K-L  two-phase  theory.  The  model  assumes  water- 
gas  shift  reaction  equilibrium  and  pseudo-first  order 
kinetics  for  the  char  gasification  reactions.  The  char 
gasification  reactions  include  the  reactions  of  char  with 
0  CO  and  steam.  The  model  only  considers  the  reactions  in 
the  bed  section.  They  have  compared  their  simulated  results 
with  experimental ] y  determined  compositions;  reasonable 
agreement  has  been  obtained  by  adjustment  of  system 
parameters.  Their  model  has  the   following   limitations:   1) 

4-1 


The  predictions  depend  heavily  on  some  hydrodynamic 
parameters;  the  correlations  for  these  parameters  had  not 
been  developed  at  the  time  the  work  was  done.  Only  by 
adjusting  these  parameters,  have  fits  of  the  model  to  the 
experimental  observations  been  obtained.  2)  Experimental 
observations  indicate  that  the  water-gas  shift  reaction 
equilibrium  is  usually  not  achieved  in  f luidized-bed 
gasif iers . 

Bacon  and  Downie  (1982)  developed  a  mathematical  model 
for  the  f luidized-bed  gasification  of  wood.  Their  model 
includes  wood  devolatilization  in  addition  to  the  char 
gasification  and  the  water-gas  shift  reactions  considered  by 
Yoshida  and  Kunii.  The  model  employs  the  bubble  assemblage 
mode]  and  is  limited  to  the  bed  section.  They  have  assigned 
varying  degrees  of  equilibrium  to  the  char  gasification 
reactions,  thus  eliminating  kinetic  rate  expressions  from 
the  model.  They  have  assumed  that  devolatilization  occurs 
instantaneously  and  that  the  char  gasification  reactions 
occur  only  in  the  emulsion  phase.  Sensitivity  analyses  have 
been  performed  on  the  model  parameters  and  the  operating 
variables.  They  have  stated  that  a  comparison  of  the 
simulated  runs  with  some  industrial  data  exhibits  fairly 
good  agreement.  A  major  limitation  of  the  model  is  that  the 
kinetic  rate  expressions  are  not  included. 

Raman  et  al ■  (1981)  have  developed  a  model  to  simulate 
the  f 1 uidized-bed  gasi f i cat  ion  of  biomass  and  applied  it   to 
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the  gasification  of  feedlot  manure.  Kinetic  rate 
expressions  for  the  char  gasification  and  water-gas  shift 
reactions  as  well  as  hydrodynamic  relationships  have  been 
extensively  employed  in  modeling  the  bed.  The  model  also 
accounts  for  devolatilizat ion ,  which  is  assumed  to  be 
instantaneous.  No  elutriation  of  char  is  considered.  They 
have  also  assumed  that  devolatilization  takes  place 
uniformly  throughout  the  bed.  A  comparison  of  the  steady  gas 
compositions  and  experimental  results  have  shown  fairly  good 
agreement.  The  difference  between  the  experimental  and 
simulated  results  has  been  attributed  to  the  fact  that 
freeboard  reactions  and  tar  cracking  reactions  are  not 
included.  Chang  et  al .  (1983)  have  extended  this  work  to 
provide  information  on  dynamic  simulations  of  the  fluidized- 
bed  gas;fier.  The  major  limitation  of  the  model  is  that  the 
freeboard  reactions  are  not  included  in  the  model. 

In  the  present  experimental  set-up  wood  is  fed  to  the 
top  surface  of  a  bed,  comprised  of  an  inert  solid  and  char, 
which  is  fluidized  by  steam.  Devolatilization  takes  place 
instantaneously  as  the  feed  contacts  the  bed  surface.  The 
char  produced  provides  char  feed  to  the  bed  section  and  the 
voiatiles  produced  enter  the  freeboard.  Freeboard  reactions 
along  with  the  fact  that  devolatilization  occurs  at  the 
surface  of  the  bed  have  not  been  considered  in  earlier 
modeling  studies.  These  features  have  been  partially 
accounted  for  in  the  present  work.  The  model  predictions  are 
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compared  with  experimental  results  for  the  steam 
gasification  of  Siberian  elm. 

MODEL  DEVELOPMENT 

The  model  has  been  developed  for  isothermal  conditions 
with  no  elutriation  of  char.  The  gasifier  is  divided  into 
three  sections:  the  bed,  the  devolatilization  and  the 
freeboard  sections  as  illustrated  in  Figure  4.1.  The  bed 
consists  of  two  phases:  the  bubble  and  emulsion  phases  (see 
Figure  4.2).  On  the  surface  of  the  bed,  where  feeding  of 
wood  occurs,  devolatilization  takes  place.  The  volatile 
products  completely  mix  with  the  product  gas  exiting  the  bed 
and  the  resultant  stream  moves  up  in  the  freeboard.  The  char 
produced  in  this  section  provides  the  char  feed  for  the  bed 
section.  The  freeboard  contains  only  vapor  since  elutriation 
of  char  is  not  considered.  The  particular  modeling 
considerations  for  each  section  of  the  gasifier  are  detailed 
in  the  following  sub-sections. 

FJuidized-Bed  Section 

In  this  section,  gasification  reactions  and  interphase 
mass  transport  are  the  important  phenomena.  The  former 
include   the   char   gasification  reactions  and  the  water-gas 

shift  reaction.  The  interphase  mass  transfer  is  affected 
mainly  by  the  hydrodynamics  in  the  bed.  The  hydrodynamics  of 
the  present  model  are  based   on   thf=>   two   phase   theory   of 
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f luj dization  developed  by  Davidson  and  Harrison  (1963).  The 
conventional  assumptions  involved  in  the  hydrodynamic 
aspects  of  the  model  include: 

1.  The  fluidized  bed  consists  of  two  phases,  the  bubble 
phase  and  emulsion  phase  as  shown  in  Figure  4.2.  They  are 
homogeneously  distributed,  statistically,  throughout  the 
bed. 

2.  The  flow  of  gas  in  excess  of  that  required  for 
minimum  fluidization  passes  through  the  bed  in  the  form  of 
bubbles  which  are  free  of  solids.  This  implies  that  char 
gasification  reactions  do  not  take  place  in  the  bubble 
phase . 

3 .  The  voidage  of  the  emulsion  phase  remains  constant 
and  is  equal  to  that  at  incipient  fluidization. 

4.  The  bed  can  be  characterized  by  an  equivalent  bubble 
diameter . 

5.  Plug  flow  is  assumed  for  the  bubble  phase  gas. 

6.  The  emulsion  phase  is  well  mixed. 

In  addition  the  following  assumptions  are  imposed  on  the  bed 
sect  ion . 

1.  The  bed  is  isothermal.  This  assumption  is  possible 
because  the  feeding  is  started  after  the  bed  (originally 
consisting  of  inert  solids)  is  heated  to  the  desired 
operating  temperature  and  maintained  at  that  temperature 
after  the  feeding  begins  by  an  external  heat  source. 
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2.  No  elutriation  of  solids  takes  place. 

The   bed  section  includes  reactions  of  char  with  H  ,  CO   and 
HO  as  well  as  the  water-gas  shift  reaction. 

Devolat ilization  Section 

In  the  present  experimental  system,  which  involves  small 
particles  and  high  heating  rates,  devolatilization  is 
completed  almost  instantaneously;  subsequently, 
devolatilization  is  assumed  to  take  place  as  the  feed 
material  contacts  the  surface  of  the  expanded  bed.  The 
gaseous  devolatilization  product  completely  mixes  with  the 
product  gas  exiting  the  bed  and  the  mixed  product  enters  the 
freeboard.  The  char  produced  enters  the  bed  section. 

Freeboard  Section 

In  this  section,  the  flow  of  the  gas  is  assumed  to  be  in 
plug  flow.  The  water-gas  shift  reaction  is  the  only  chemical 
reaction   considered.  Isothermal  conditions  are  also  assumed 

for  this  section. 

KINETIC  CONSIDERATIONS 

It  is  well  known  that  gasification  of  any  carbonaceous 
material  takes  place  in  three  steps:  (1)  Devolatilization  or 
pyrolysis  of  the  solid  to  produce  volatile  matter,  (2) 
Cracking   of   volatiles,  and  (3)  Char  gasification  reactions 
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and  the  water-gas  shift  reaction  (Antal  et  a 1 . ,  1979;  Raman 
et  a  1 .  ,  1981:  Chang  et  al_;_  1983).  The  conceptual  reaction 
scheme  can  be  represented  as : 


( 1 )  Wood 


Devolat i lizat ion 


Heavy  Volatiles  +  Char 
+  Gas  (CO, CO  ,  H  ,  HO,  HC  ) 


"2'   2'   2 

(2)  Heavy  Volatiles   cracking  >   Lighter  Volatiles  +  Gas 


(3) 


Char  Gasification 
Reactions 


2 
C  +  C0o 


Water-Gas  Shift  Reaction   CO  +  H„0 


The  initial  step  in  the  gasification  process, 
devolat i lization  or  pyrolysis,  takes  place  almost 
instantaneously  at  the  high  heating  rates  encounterd  in  a 
fluidized  bed.  This  has  been  investigated  and  discussed  in 
detail  by  Raman  et  a 1 . ,  (1981)  and  Antal,  (1978).  Antal  has 
estimated  the  time  of  initial  devolatilization  and  char 
fcrmation  for  particles  between  75  and  250  microns  in  size 
to  be  less  than  0.5  seconds.  Thus,  it  is  reasonable  to 
assume  that  devolatilization  is  instantaneous  and  occurs 
just  when  the  wood  particles  contact  the  surface  of  the 
expanded  bed . 


The  devolat ilizat ion  produces  heavy  volatiles  which 
crack  to  form  lighter  volatiles  and  gas.  The  kinetics  for 
this  step  are  not  available  in  the  literature  at  the  present 
time ; consequent ly ,  cracking  cannot  be  considered  in  the 
present  model.  Kinetics  for  the  char  gasification  and  the 
water-gas  shift  reactions  are  well  known  and  available  in 
literature . 

DEVELOPMENT  OF  GOVERNING  EQUATIONS  AND  METHOD  OF  SOLUTION 

General  Considerations 

In  the  present  experimental  system,  involving  the   steam 

gasification   of   wood   at  atmospheric  pressure,  it  has  been 

observed  that  only  eight  chemical  species,  CO,  CO  ,  H  ,  HO, 

CH„ ,  C.H_  and  C.Hn  along  with  char  exist.  This  gives  rise  to 
4     2b        3  o 

the  necessity  for  fifteen  differential  mass  balances  (7   for 

the   seven   gas   species   in   the  bubble  phase  and  7  for  the 

seven  gas  species  in  the  emulsion  phase  and  1  for  solid  char 

in   the   emulsion  phase)  for  the  bed  section  alone.  However, 

since  C.H,.  and  C_H_  are  present  only  in  the  devolatilization 
2.     fo        3  o 

and  freeboard  sections  and  do  not  take  part  in  any 
reactions,  the  number  of  differential  mass  balances  needed 
for  the  bed  section  reduces  to  11.  The  devolatilization  zone 
involves  no  differential  mass  balances.  In  the  freeboard,  it 
is  assumed  that  only  the  water-gas  shift  reaction  takes 
place.  Since  there  is  only  one  phase  in  the  freeboard,  sever, 
differential   mass   balances   are   required;   one   for   each 
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chemical  species.  The  overall  system  is  therefore   described 
by  18  differential  equations. 


Material  Balances 

Fluidized-bed  section.  The  net  flow  of  gas  in  each  phase 

has  been  approximated  by  convective  and  dispersive  terms   to 

give   rise   to  parabolic  partial  differential  equations.  The 

dispersive  term  was  employed  in  the  balances  because  it   was 

required   for   the  software  package  used  to  solve  the  system 

of  PDEs .  The  numerical  values  of  these  terms  (D.,   and   D.  ) 

lb         ie- 

nave  been  chosen  such  that  they  represent  nearly  plug  flow 
conditions  in  the  bubble  phase  and  well  mixed  conditions  in 
the  emulsion  phase. 

a.  Bubble  phase.  A  mass  balance  on  chemical  species  i 
over  a  volume  of  A.Ax  (see  Figure  4.2)  in  the  bubble  phase 
crives 


fRate  of 
Accumulation 
of  i 


Rate  in  of  species  i  by  convection 

Rate  in  of  species  i  by  dispersion 

Rate  out  of  species  i  by  convection 

Rate  out  of  species  i  by  dispersion 

Rate  out  of  species  i  by  exchange  with 

emulsion  phase 
Rate  of  production  of  species  i  by  reaction 


3C     I  3C     I 

^—  (AUAX  C.  )  =   -D.^A^  „    I     +  D.^A,,   *   I 

8t   v  b     ib'       ib  b  3x   I  x     lb  b  3x   I  x+Ax 


U,  A,  C,  I   -  U.  A,  C..I   ,  A 
b  b  lblx     b  b  lblx+A 


A,  AxF,   (C,  -C.  )  +  A,  Ax  R.,  (4.1) 

b    be   ib   ie'     b     ib  ' 


Dividing   both   sides  of  Equation  (1)  by  A,Ax  and  taking  the 

limit  as  Ax  — ►-  0  yields 

3C,  32C.^  30.^ 

id        _      id    .,     ib      ,_,,„    ^   ,  „      ,.«> 

-U,  — - -  F,   (C..-C.   +R-v.     4.2) 


at  ib  a^2      b   3x        bev  ib   ie;   ib 

b.  Emulsion  phase.  A  similar  mass  balance  on  component  i 
in  the  emulsion  gas  yields 

3C.  32  C.         3C.     A,  F^ 


b   be  (C.K-  C.  ) 


mf   at       ie   ^2        e   3x       A     v  ib    ie 
ax  e 

+   R.  (4.3) 


Since  it  has  been  assumed  that  solids  are   completely   mixed 
in   the   emulsion  phase,  a  material  balance  on  the  solids  in 

the  bed  section  yields  an  equation  of  the  form 

3C 

(4.4) 


3C  W.     -  W  R 

at        (      b       ]  +   b         (4-b) 

For  the  solid  material  in   the   emulsion   phase,   C    is 

s 

defined   as   the  weight  ratio  of  char  to  inert  solids  in  the 


bed,  and  B  as  the  total  weight  of  the  inert   solids   in   the 

bed.   Additionally,   W.    and   W   .  are  defined  as  the  rates 
*     in         out 

of  char  input  to  and  output  from  the  bed,   respectively.   In 

the   present   model,   elutriation  of  char  is  not  considered. 

Thus,  W      is  set  equal  to  zero  and  W.   is  calculated   from 
out  M  in 

the    feed    rate    of    wood    and    the   char   yield   from 
devolatilization . 

c.  Initial  and  boundary  conditions.  The  appropriate 
initial  and  boundary  conditions  for  gaseous  species  i  in  the 
bubble  and  emuJsion  phases  and  char  in  the  emulsion  phase 
are  as  follows 


0;  0  <  x  <  H 


C. 

1€ 

c 


(4.6) 


,(4.7) 


t  >  0;  x   =  H 


ax 


(4.8) 


In   the  mass  balances  given  by  Equations  4.2  and  4.3  and  the 

boundary  conditions  given  by  Equations  4.6  through  4.8,  i   = 

1   represents   CO,   2,  CO  ,  3,  H  ,  4,  HO,  and  5,  CH  .  Since 

only  steam  flows  at  the  start,  C.   is  fixed  at  zero  for   ail 

io 
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the   species   except   steam.   In  the  present  experiments  the 

feed  was  started  at  a  constant  feed  rate  at  time   t=0 ;   this 

is  the  basis  for  the  initial  condition  for  C  . 

s 

d.  Rate  expressions.  The  rate  expressions   in   equations 
2 ,  3  and  5  are  given  by 

-Hw  (4.9) 


Rlb  ■ 

R4b 

R2b= 

R3b 

R5b    " 

0 

b 
Rb 


(4.10) 
(4.11) 

R:e  ■  S(kl  C4e  +  -H  »  -  Rsr  (4-12> 

R2e  "  -S(k2C2e»   +  Rsr  (4'13) 

R3e  "  S(klC4e  -  k3C3e>  +  Rsr  (4-14» 

R.   =  -Sk,C.   -  R  (4.15) 

1  4e     sr 

(Sk.C.J  (4.16) 


4e       1  4e     sr 

5e      2   l   3  3e' 


Rs   =  "(klC4e  +  k2C2e  +  2~    >  BAcCsMc         (4'17) 

where 


'"b 


(4.18) 


S    =  -K  AlW)  <4-19> 

R    =  k.  C,  C,  -  kcC0  C0  (4 . 20) 


e.  Hydrodynamic  relationships.  Various  relationships 
between  the  variables  and  the  parameters  involved  in  the  bed 
section  have  been  developed  previously  by  other  researchers. 
Using  these  relationships,  the  parameters  are  evaluated  as 
shown  below. 


1.  The   bubble   diameter,   D    is   estimated   using   the 

correlation  developed  by  Mori  and  Wen(1975) 

D^      -  D^   -  (D.    -  D^  )exp  (-0.3  x/D) 
b         bm      bm     bo    ^ 

where     D,       =  0.652  { A ( U  -U  .  )  } ° ' 4 
bm  o   mf 

and       Dw      =  0. 00376 (U  -U  _ ) 2 
bo  o   mr 

Tn  the  above,  D,   is  the  initial  bubble  diameter,  and  D,   is 
bo  bm 

the  maximum  bubble  diameter.  The  equivalent  bubble  diameter, 

as   defined   by  Kunii  and  Levenspiel  (1969)  is  calculated  at 
the  middle  of  the  expanded  bed,  x  =  H/2. 

2.  The   bubble   velocity,   U  ,   is   calculated  from  the 

correlation  proposed  by  Davidson  and  Harrison  (1963) 

,0.5 


U,  =  (U  -U  _)  +  0.711(gD.  ) 
b      o   mf  va  h' 

3.  The  volume   fraction   of   the   bubble   phase,  6,       is 
calculated  from 

6  =  (U  -U  _)/U. 

o   mf    b 

4.  The   emulsion   phase  gas  velocity,  U  ,  is  calculated 

from 

5.  The  gas  exchange  coefficient  between  the   bubble   and 

emulsion   phases,   F.   ,   is   calculated  from  the  correlation 
be 

suggested  by  Kobayashi  et  al.  (1967). 

F,    =0.  11/D. 
be  b 

6.  The   height   of   expanded   bed,   H,   is    calculated 
iteratively,  from  the  material  balance  on  the  solid  as 

p     =    mf 

{1-6) 


Devolatilization section .    As    explained    earlier, 

devolat ilization  is  nearly  instantaneous  and  takes  place  at 
the  surface  of  the  bed,  generating  volatiles  and  char. 
Devolatilization  data,  consisting  of  the  char  yield,  gas 
yield  and  gas  compositions,  have  been  taken  from  an 
unpublished  thesis  (Dewyke,  1989)  which  gives  f luidized-bed 
pyrolysis  results  for  Siberian  elm  at  a  temperature  of  873  K 
( see  Table  4.3). 

The  gaseous  devolatilization  products  are  added  to  the 
caseous  effluent  from  the  bed  section;  this  then  specifies 
the  gas  composition  entering  the  freeboard.  Char  produced 
provides  feed  to  the  bed  section. 

Freeboard  section.  The  gas  in  the  freeboard  is  assumed 
to  be  in  plug  flow.  Since  the  freeboard  contains  a  single 
phase(gas),  only  the  water-gas  shift  reaction  need  be 
considered.  The  governing  mass  balance  is 

8C.  ac 

-ir-   ■    -  uf  157-   +  Rlf  (4-21) 

where 

R,£         =         ROJ=         =    k„C,£C^    -    kcC0-Ce<e 


and   j   =   1-5  represent  the  gas  species  previously  defined. 
Equation   2  1   is   also   applicable    to    the    non-reacting 
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3 

term  set  equal  to  zero.  Inlet  conditions  for   the   freeboard 

section  are  discussed  in  the  next  section. 


Method  of  Solution 

For  the  bed  section,  there  are  eleven  nonlinear  partial 
differential  equations  that  must  be  solved  simultaneously. 
Their  solution  yields  the  transient  product  gas  composition 
exiting  the  top  of  the  bed.  The  simultaneous  equations  were 
solved  using  a  PDE  solving  software  package  PDEPAC .  The 
"Method  of  Lines"  technique  was  used  for  spatial 
discretization  to  convert  the  nonlinear  partial  differential 
equations  into  a  system  of  time  dependent  nonlinear  ODEs . 
Time  integration  of  the  resultant  equations  yields  the  gas 
composition  for  a  given  axial  position  at  successive  time 
intervals.  The  number  of  moles  of  each  component  leaving  the 
bed  section  (obtained  from  the  integration)  is  added  to  the 
devolat ilization  product  at  each  time  interval. 

The  above  treatment  yields  the  inlet  gas  composition  for 
the  freeboard  section.  The  average  of  two  gas  compositions 
obtained  for  two  successive  time  intervals  is  used  as  the 
the  inlet  condition  for  the  freeboard  for  the  entire  period 
between  the  two  time  intervals.  (For  example,  the  average  of 
the  compositions  at  time  t=0  and  t=l  serves  as  the  inlet 
condition  for  the  freeboard  region  for  the  time  period 
0<t<l).   A   time   integration   of  equation  (4.21)  yields  the 
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concentration  of  component  i  exiting  the  freeboard.  It 
should  be  noted  that  the  dynamic  solutions  include  the 
steady  gas  compositions  which  can  be  compared  with 
experimental  results. 

Figure  4.3  presents  a  schematic  representation  of  the 
computational  procedures  for  the   overall  model. 

SIMULATION 

The  experimental  system  has  been  described  in  detail  in 
the  previous  chapter.  Figure  4.4  illustrates  the 
configuration  of  the  reactor.  The  operating  procedure  is 
also  detailed  in  the  previous  chapter. 

The  present  model  employs  some  simplifications  of  the 
actual  conditions  in  the  experimental  set-up.  In  the  model 
elutriation  of  char  has  not  been  considered  whereas  in  the 
actual  system  char  elutriation  takes  place.  It  has  also  been 
assumed  that  no  char  gasification  reactions  take  place  in 
the  bubble  phase  or  the  freeboard.  However,  there  is  a 
possibility  of  small  amounts  of  char  in  the  bubble  phase 
undergoing  gasification  in  the  bed  as  well  as  the 
gasification  of  entrained  char  in  the  freeboard.  In  the 
development  of  the  model,  it  has  also  been  assumed  that 
there  is  perfect  mixing  of  the  devolatilization  gas  and  the 
gas  exiting  the  bed  surface.  Furthermore,  tar  cracking 
reactions  in  the  freeboard  have  not  been  considered 
whereas  they  definitely  take  place  in  the  actual  system. 
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The  range  of  operating  conditions  for  the  experimental 
runs  are  summarized  in  Table  4.1.  These  conditions  are  taken 
as  the  basis  for  the  simulations.  The  kinetic  parameters  and 
other  data  for  the  simulations  are  summarized  in  Tables  4.2 
and  4.3. 

RESULTS  AND  DISCUSSION 

Wood  gasification  has  been  simulated  by  equations  4.1 
through  4.21.  The  residence  time  in  the  freeboard  is 
maintained  between  4  to  6  seconds  to  be  compatible  with 
experiments.  The  simulated  steady  gas  compositions  are 
compared  with  the  experimental  observations. 

The  time  dependence  of  simulated  gas  compositions 
(exiting  the  freeboard)  at  two  different  temperatures  is 
illustrated  in  Figures  4.5  and  4.6.  The  figures  indicate 
that  steady  gas  compositions  are  reached  within  10  seconds. 
This  can  be  attributed  to  the  fact  that  the  quantity  of  char 
is  small;  consequently , the  transient  period  is  dependent 
primarily  on  the  devolatilization  step  and  the  hydrodynamics 
of  the  bed.  As  mentioned  earlier,  devolatilization  is  nearly 
Instantaneous;  so  steady  gas  compositions  are  achieved  very 
rapidly.  The  experimental  set-up  was  not  designed  for 
determination  of  transient  gas  compositions.  Thus,  only 
steady  gas  compositions  can  be  compared  with  the  simulated 
results . 


Comparisons  of  typical  dry  gas  compositions  (exiting  the 
freeboard)  at  different  temperatures  with  the  experimental 
results  are  presented  in  Tables  4.4a,  4.4b  and  4.4c.  For 
each  temperature,  the  same  devolatilization  data  (see  Table 
4.3)  have  been  employed.  The  tables  indicate  that  at  all 
temperatures,  the  model  predicts  lower  CO  and  slightly 
higher  H  than  the  experimental  observations.  At  higher 
temperatures,  where  the  water-gas  shift  reaction  dominates, 
a  closer  agreement  between  the  experimental  and  simulated 
gas  compositins  and  gas  yields  is  observed. 

The  simulated  char  content  of  the  bed  is  shown  in  Figure 

4.7.  Note  that  although  steady  gas  compositions  are 
achieved,  the  simulated  char  content  of  the  bed  continues  to 
increase  with  time.  This  is  because  elutriation  of  char  from 
the  bed  has  not  been  taken  into  account  in  the  present 
model.  Also,  note  that  increasing  the  temperature  reduces 
the  char  content  of  the  bed.  The  feed  rate  is  constant  for 
both  of  the  simulation  runs  presented  in  Figure  4.7.  The 
reduction  in  the  char  content  with  increasing  temperature 
can  be  attributed  to  the  fact  that  the  char  gasification 
reactions  become  increasingly  pronounced  as  the  temperature 
is  elevated. 

The  axial  concentration  profiles  for  the  gas  components 
in  the  bubble  and  emulsion  phases  are  illustrated  in   Figure 

4.8.  It  is  evident  that  the  concentrations  of  H  ,  CO,  and 
CO.  increase  with  the  bed  height  in   the   bubble   phase   and 


approach  steady  values  approximately  equal  to  those  of  the 
emulsion  phase  concentration.  This  implies  intensive 
interphase  mixing  under  the  simulated  operating  conditions. 

As  explained  earlier,  the  model  takes  into  account 
devolatilization  at  the  bed  surface  and  partially  accounts 
for  freeboard  reactions  of  the  gaseous  products.  These 
conditions  have  not  been  considered  in  earlier  models 
(Raman,  1981;  Chang,  1984).  To  assess  the  improvement  in  the 
model  predictions,  a  simulation  has  been  conducted  under 
Raman's  experimental  conditions  (temperature  =  983  K) .  A 
comparison  between  Raman's  model  predictions  and  the  present 
model  predictions  is  presented  in  Table  4.5;  it  can  be  seen 
that  the  present  model  gives  moderate  improvements  in  the 
predictions  of  the  concentrations  of  CO  and  CO  compared  to 
Raman ' s  model . 

The  present  model  needs  some  additional  refinements. 
First,  more  accurate  devolatilization  data  for  Siberian  elm 
need  to  be  obtained.  Secondly,  crackling  of  the  heavy 
vclatiles  needs  to  be  accounted  for  in  the  governing 
equations  for  the  freeboard.  Moreover,  the  model  must 
account  for  elutriation  of  char  from  the  bed  and  its 
subsequent  gasification  in  the  freeboard. 

CONCLUDING  REMARKS 

A  mathematical  model  has  been  developed  for  the  steam 
gasification   of   wood  in  a  f luidized-bed  reactor.  The  model 
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predicts  the  transient  reactor  performance;  it  indicates 
that  a  very  short  time  is  required  for  steady  gas 
compositions  to  be  obtained.  The  model  takes  into  account 
devolat ilizat ion ,  char  gasification,  the  shift  reaction  and 
partially  accounts  for  freeboard  reactions  of  the  gaseous 
products.  The  model  predictions  are  compared  with  the 
experimental  data  obtained  for  the  bench-scale,  fluidized- 
bed  reactor  gasifying  Siberian  elm.  The  model  predictions 
represent  the  observed  experimental  trends  reasonably  well . 


NOMENCLATURE^ 

2 
A,    =  cross  sectional  area  of  reactor  in  bubble  phase,  m 

b  2 

A     =  cross  sectional  area  of  reactor  in  emulsion  phase,  m 

e  2 

A     =  surface  area  of  char,  m  /kg 

B     =  weight  of  inert  solids  in  the  bed,  kg 

3 
C     =  concentration  of  species  i  in  bubble  phase,  kmol/m 

3 
C.         =  concentration  of  species  i  in  emulsion  phase,  kmol/m 


C,f   =  concentration  of  species  i  in  freeboard,  kmol/m 

3 

C.  =  inlet  concentration  of  species  i,  kmol/m 

C     =  concentration  of  char  in  emulsion  phase,  kg  char  /  kg 

inert  solids 

D     =  diameter  of  the  reactor,  m 

2 
D     =  axial  dispersion  coefficient  in  bubble  phase,  m  /s 

D.  =  axial  dispersion  coefficient  in  emulsion  phase,  m  /s 
Dv    =  bubble  diameter,  m 

D,    =  maximum  bubble  diameter,  m 

bm 

D,    =  initial  bubble  diameter,  m 

bo 

F     =  dry  ash  free  feed  rate,  kg/s 

F     =  gas  interchange  coefficient  between  emulsion  and 

bubble  phases  based  on  volume  of  bubbles,  1/s 

H     =  bed  height ,  m 

H  -   =  bed  height  at  minimum  f luidization ,  m 

mf  a 

M     =  atomic  weight  of  carbon,  12  kg/kmol 

P.     =  gas  constant,  1.987  kcal/kmol.  K 

R.,   =  rate  of  generation  of  species  i  based  on  volume  of 
.ib  y  F 

bubbles,  kmol/m  .s 

R.    =  rate  of  generation  of  species  i  based  on  volume  of 

1 S  3 

emulsion  phase,  kmol/m  .s 

R.f   =  rate  of  generation  of  species  i  based  on  volume  of 

3 
freeboard,  kmol/m  .s 

R  =  rate  of  generation  of  char  in  emulsion  phase,  kg/s 

t  =  time,  s 

T  =  temperature,  K 

U,  =  bubble  rise  velocity,  m/s 
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U     =  superficial  velocity  of  emulsion  gas  based  on  cross 

sectional  area  of  emulsion  phase,  m/s 

U  ,   =  suoerficial  gas  velocity  at  minimum  f luidizat ion ,  m/s 
mf  a  * 

U  -   velocity  of  gas  in  freeboard,  m/s 

W.    =  rate  of  char  generation  by  devolatilization ,  kg./s 

W   .  =  rate  of  char  out  of  the  reactor,  kg/s 
out  y 

x     =  axial  distance  from  the  distributor,  m 

X-    =  axial  distance  from  the  top  of  the  expanded  bed,  m 

Subscripts 

j     =  indices  specifying  species  (1=  CO;  2  =  CO  ;  3  =  H  ; 

4  =  HO;  5  =  CH  ;  6  =  char  ) 
j     =  indices  indicating  the  reactions 

Greek  Letters 

6  =  volume  fraction  of  the  bubble  phase 

3 
p     =  density  of  solids  in  the  reactor,  kg/m 

f    ,     void  fraction  of  the  bed  at  minimum  fluidization 
mf 
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Table  4.1.  Reactor  Operating  Parameters. 

Reactor  Temperature  Range  (K)  850  -  1125 

Fluidizing   Gas  Steam 

Superficial  Velocity    (m/s)  0.14  -  0.165 

Condensate  Rate  (cc/min)           9.0  -  17 

Fe<=d  Rate  (DAF  gm/min)           0.9  -  4.0 

n  ^  (m/s)                0.09-0.12 

-:  ,  0.43 
mf 

~ib  (m2/s)                0.001 

D.  (m2/s)                1000 
le 

Bed  Height  (m)                   0.08 


Table  4.2.  Kinetic  Parameters  for  the  Reactions. 


Reactions 


Activation  Energy    Adjusted  Free. 


(E.)  KJ/Kmol 


Factor (k,  )m/hr 


C  -  HO  ~->  CO  +  H 

C  +  COo  -^T~>    2C0 

C  +  2JC  —  ^>  CH 

CO  -  H20  — >  C02  +  H 

k4  „ 
CO  +  HO  <-r--'>    C0o  + 


121  ,417 

360,065 

230,274 

12,560 


5.0 
0.2 


109 


0.75*  10" 
O.J  *  io8 

(m  /kmolhr)_ 
k   =  k4/k5  =  0.0265  exp(3955/T)£ 


Table  4.3.  Devolat i lizat ion  Product  distribution  for 
wood  at  temperature  =  873  K 


rocuct 


Char  (wt  %    DAF)  15 

Dry  Gas  (wt  %    DAF)  63 

Dry  Gas  Composition  (vol  %) 

CO  22 


Dewyke  ( 19  39) 


Table  4.4  a.  Comparison  of  Experimental  and  Simulated 

Steady  Gas  Compositions ( temperature=943K) . 


Response  Variable  Simulated        Exoerimental 


mole  %    CO 


mole  %    C0„ 


ry  gas  mass  yield 


Btbie  4.4  b.  Comparison  of  Experimental  and  Simulated 
Steady  Gas  Compositions ( temperature=993K) 


?sponse  Variable  Simulated         Experimental 


dry  gas  mass  yield         0.79 


Pable  4.4  c.  Comparison  of  Experimental  and  Simulated 
Steady  Gas  Composi tion( temperature=1043K) 


Response  Variable         Simulated         Experimental 


mo: e  %    CO  4.1 

mole  %    CO  33.7 

mole  %   H2  61  .  1 

dry  gas  mass  yield  0.89 


Tahle  4.5.  Comparison  of  Present  Model  Predictions 
with  previous  models ( temperature=983K) . 


Response  Variable       Present     Raman's      Expt . 

*  * 

Model       Model        Value 


Mole  %    CO 


Mole  %    C0o 


Obtained  from  "Mathematical  model  for  fluid-bed 
gasification  of  biomass  materials.  Application  to 
Feedlot  Manure",  I&EC  Process  Design  &  Development, 
20,  690  (1981) . 
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Figure  4.5.  Simulated  gas  composition  as  a  function  of  time, 
at  temperature  =  99 3K. 


Figure  4.6.  Simulated  gas  composition  as  a  function  of  time 
at  temperature  =  1043  K. 
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Figure  4.7. 


Char  content  in  the  bed  as  a  function  of  time 
at  two  different  temperatures. 
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Figure  4.8-. 


Axial  Distribution  of  V.j      Concentration   in  each 
Phase  with  a  Reactor  Temperature  of  943  K. 


CHAPTER  5 


CONCLUSIONS  AND  RECOMMENDATIONS 


Gasification  experiments  were  conducted  in  an 
experimental  f lui dized-bed  reactor  with  ground  Siberian  elm 
as  the  feed  material .  Steam  was  employed  as  the  sole 
fluidizing  agent  at  different  steam-to-feed  ratios.  The 
operating  temperature  was  varied  between  850  K  and  1150  K. 
The  gasification  characteristics  of  interest  were  the  gas 
composition,  the  higher  heating  value  of  the  gas,  the 
volumetric  and  mass  yields  of  the  product  gas,  the  carbon 
conversion  and  the  energy  recovery.  The  gas  phase  residence 
time  was  held  nearly  constant  in  all  the  experiments. 

For  temperatures  above  940  K,  the  experimental  results 
indicated  that  the  process  was  dominated  by  the  water-gas 
shift  reaction.  Steam,  which  was  present  in  large  excess, 
was  found  to  be  a  significant  gasification  agent  taking 
part.  Additionally,  multiple  regression  analysis  revealed 
that  the  steam-to-feed  (S/F)  ratio  was  an  important  factor 
in  determining  the  product  gas  compositions  and  yield.  An 
increase  in  the  S/F  ratio  resulted  in  an  increase  in  the 
concentration  of  H  ,  a  decrease  in  the  concentration  of  CO, 
and  increases  in  the  volumetric  and  mass  yields  of  gas. 
These  trends  were  consistent  with  the  water-gas  shift 
reaction  postulation. 

A  mathematical  model  has  been  developed  to  describe  the 

dynamic  characteristics  of  the  gasifier.  The  model  accounts 

for  wood  devolatilization ,  the  char  gasification  reactions, 

the  water-gas  shift  reaction,  and  the  freeboard  reactions. 
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The  model  predicts  both  transient  and  steady  gas 
compositions.  The  steady  gas  compositions  compare  reasonably 
well  with  the  experimental  observations. 

Some  modifications  are  recommended  for  the  present 
experimental  system.  The  major  drawbacks  of  the  experimental 
set-up  are  the  fluctuations  in  the  temperature  profile  and 
the  feed  rate.  A  uniform  feed  rate  might  help  to  reduce  data 
scatter.  Higher  density  feed  materials  or  an  improved 
feeding  system  can  aid  in  reducing  feed-rate  fluctuations. 
Computer  control  of  the  temperature  in  the  reactor  can  help 
to  reduce  the  variations  in  the  temperature  profile. 

In  further  studies,  the  steam  gasification  of  the  major 
wood  constituents  should  be  systematically  studied.  Wood 
consists  of  three  major  constituents:  cellulose,  lignin  and 
hemicellulose .  Their  relationship  to  the  observed 
gasification  behavior  needs  to  be  established.  Preliminary 
work  on  the  steam  gasification  of  cellulose  has  been 
conducted;  lignin  has  not  yet  been  successfully  gasified. 
The  present  experimental  set-up  could  be  employed  for 
studying  lignin  gasification;  however,  a  larger  feed  pipe 
needs  to  be  used  to  prevent  clogging  of  the  feed  pipe.  Also, 
experiments  with  other  wood  species  are  recommended  for 
establishing  relationships  between  the  gasification  behavior 
and  wood  composition. 

The  present  experimental  set-up  can  also  be  used  to 
establish  the  effect  of  residence  time  on  the  product  gas 
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character isi tics .  Changing  the  superficial  velocity  and 
thereby  altering  the  volatiles  residence  time  can  be  used  to 
establish  kinetics  for  the  thermal  cracking  of  tar. 

The  present  model  does  not  account  for  tar  cracking  in 
the  freeboard.  Incorporating  cracking  into  the  model  and 
obtaining  precise  devolatilization  data  will  improve  the 
model.  Very  short  residence  time  experiments  can  minimize 
tar  cracking  and  provide  devolatilization  product 
characteristics.  Elutration  of  char  also  needs  to  be 
considered  in  the  model. 
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Gasification  experiments  were  conducted  in  a  bench-scale 
f luidized-bed  reactor;  ground  Siberian  elm  served  as  the 
feed  material .  Steam  was  employed  as  the  sole  f luidizing 
agent  at  different  steam-to-feed  mass  ratios.  The  operating 
temperature  was  varied  between  900  K  and  1150  K  while  the 
gas  phase  residence  time  was  held  nearly  constant.  The 
gasification  characteristics  of  interest  were  the  gas 
composition,  the  higher  heating  value  of  the  product  gas, 
the  volumetric  and  mass  yields  of  the  product  gas,  the 
carbon  conversion  and  the  energy  recovery. 

For  temperatures  above  940  K,  it  has  been  proposed  that 
the  water-gas  shift  reaction  dominates  the  gasification 
process.  The  results  of  the  present  work  lend  further 
support  to  this  hypothesis.  Additionally,  multiple 
regression  analyses  were  used  to  asses  the  effect  of  steam- 
to-feed  (S/F)  ratio  on  the  gasification  characteristics.  The 
S/F  ratio  was  found  to  be  an  important  factor  in  determining 
the  product  characteristics.  An  increase  in  this  ratio 
resulted  in  increases  in  the  yield  of  H  ,  a  reduction  in  the 
yield  of  CO,  increases  in  the  mass  and  volumetric  yields  of 
gas,  and  an  increase  in  the  energy  recovery.  All  these 
trends  are  consistent  with  the  water-gas  shift  reaction 
postulation . 

Steam  gasification  provides  a  means  for  converting  wood 
into  a  hydrogen-rich  gas  that  can  be  used  as  a  utility  fuel 
or   for   chemical   synthesis.   By   varying  the  steam-to-feed 


ratio,  the  gas  composition  can  be  adjusted  for  specific 
chemical  synthesis  such  as  methanol  synthesis.  This  can  be 
accomplished  without  catalysts. 

A  mathematical  model  has  been  developed  to  describe  the 
dynamic  behavior  of  the  reactor.  The  model  accounts  for  wood 
devolat il izat ion ,  the  char  gasification  reactions,  the 
water-gas  shift  reaction,  and  the  freeboard  reactions.  The 
model  simulates  both  the  transient  and  steady-state  gas 
compositions.  The  steady-state  gas  composition  compare 
reasonably  well  with  the  experimental  observations. 


